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Abstract
Heat transfer rates in a single tube natural 
circulation evaporator were studied for a range of inlet 
velocities and heat fluxes, distilled water being used 
as the feed throughout. Three tube diameters were used,
2”, and k" these being regarded as covering an 
industrial range.
The tubes were divided into six sections, and the 
heat transferred to each, measured separately. Tube wall, 
and axial stream temperatures were measured at 18 ppsitions 
along the tube length. Prom these and a knowledge of the 
local heat fluxes, values of the boiling side heat transfer 
coefficient for each section were obtained.
The heat transfer results from all tubes, and boiling 
lengths from 1-J to 9 feet were correlated by means of a
toss
dimensional equation viz.
hTP.D = 0.23(Pi\ )°'6 (Re, ^ '^(L ) 0 ' 27 ( ) 0 ,3 6 ( it )’
Kx 1 1 (D) (VgTa) (p3)
This applies to bulk boiling regions in an evaporator
tube.
An equation was also produced for the calculation of 
pressure losses in the two phase region viz:
& P TP/ - pTPay.
A L ___________
&P8P1/
&L
This utilised data from all three tubes and lengths 
from 3 to 9 feet.
log^o (0.7UD+2.5) x1
1. Introduction
The problem of predicting 'heat transfer rates to 
two-phase mixtures (e.g* boiling liquids) is encountered 
in a wide variety of fields viz. Evaporation,
Condensation, Steam generation etc. Recently much 
attention has been given to this problem at high mass 
velocities and heat flux densities, because of the 
development of water cooled and moderated nuclear 
reactors.
The study of two phase flow is extremely complex, 
not merely because of the additional variables involved, 
but also because of the possibility of a variety of 
flow patterns occuring and the existence of a relative 
velocity between the phases (this being normally termed 
slip).
The flow regimes which may be expected to occur in 
a vertical two phase system at saturation are, in order 
of increasing heat flux (^9 *3 2 )^
1) Bubble flow. This is a region of nucleate boiling, 
individual bubbles being dispersed in a continuous 
liquid phase.
2) Slug flow. The individual bubbles coalesce to 
form large bullet shaped slugs of vapour
3) Froth ( or Churn) Flow. The individual vapour 
slugs merge with the liquid to form a highly 
turbulent mixture.
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k.) Annular flow. The liquid forms an annular film 
on the tube wall, the core ; Toeing vapour and 
entrained liquid droplets,
5) Mist (or Fog) flow. As more liquid is entrained, 
and evaporation from the annular film into the 
core continues, a region is finally obtained where 
the whole cross section is composed of vapour 
and entrained liquid.
In natural circulation systems another problem which 
arises is the prediction of circulation velocities. These 
must be obtained from pressure loss considerations, which 
for a two phase region are governed by heat transfer rates, 
The interaction between hydrodynamics and heat transfer 
is also important because heat transfer rates are likely to 
be different for particular flow regimes; the prediction of 
these being a hydrodynamic problem.
Knowledge of the slip velocity is important as it will 
influence two phase pressure losses. For the case of wat&r-.' 
.cooled-nuclear reactors, because the moderating properties 
of the steam water mixture depends largely on its density9 
slip is extremely important; a direct relationship existing 
between it and density.
The design equations available at present for use with 
natural circulation systems are not felt to be satisfactory, 
and it is fair to say that most manufacturers of this type 
of equipment base their designs 011 accumulated experience.
-3-
An investigation was therefore necessary in order 
to establish a design procedure for use with natural 
circulation systems; the investigation satisfying the 
following two general conditions :
1) It should he carried out on an industrial scale 
and cover a corresponding range of tube diameters,
2) Provision should be made for measuring local values 
of heat transfer coefficient.
Literature Survey
H  )In 1930 Linden and Mortillonv J conducted experiments
on an inclined tube evaporator I4. feet long and 1 inch
internal diameter. The velocity of the liquid in the
downtake pipe was measured and related to the hoiling side
heat transfer coefficient by- the expression
/ ^ 0.8
hTP,:D = i|.15 ( K1 \ | P,VM P1 |
KI \^PX ^1/ x 3^. /
V,T is the logarithmic mean of the two velocities, if theM •
flow were all steam, or all liquid. It was also shown
that the heat transfer coefficient decreases, for a given
value of V^, as the evaporation temperature decreases.
(2 )Kirschbaum' 1 obtained data from a single tube, steam 
heated, climbing film evaporator 1 .6 inches inside diameter 
77.5 inches long. The feed entered the tube at the 
saturation temperature of liquid in the separator. It 
was found that the heat flux increased approximately as 
the square of the overall temperature difference.
The effect of tube diameter was also investigated 
and it was shown that a tube diameter of 1.18 inches gave 
higher coefficients than one of 0 .5 9 inches.
With forced circulation, it was found that the heat 
transfer coefficient was less dependent upon temperature 
difference, and increased with increasing velocity and
saturation temperature,*
The heat transfer coefficients obtained were in exces
of those predicted by the Dittus^Boelter equation. The
excess became greater as the feed rate was reduced and the
temperature difference increased.
(Coates and Badgerinvestigated the effect of 
viscosity on the overall heat transfer coefficient in a 
forced circulation evaporator* by using different 
concentrations of molasses1 solution. It was found that 
as- the viscosity increased* the heat transfer coefficient 
was reduced greatly. The authors considered that most 
of the resistance to heat transfer was on the liquid side 
of the evaporator tubes* and therefore that the overall 
heat transfer coefficient represented that of the liquid 
side. Their results were^ correlated by the expression
U = 177. (&Tav)°'08t|
■" (up 1 * 17
which shows an almost negligible effect of temperature 
difference.
Boarts Badger and Meisenberg^^ obtained data from a 
single tube* forced circulation evaporator 12 feet long 
and 0.76 inches internal diameter. Average boiling side 
heat transfer coefficients v\rere measured and a Dittus- 
Boelter type of equation used to correlate their results*
For runs with little vaporisation (Reynolds numbers 
greater than 6 5?0 0 0) a value of 0 .0 2 7 8 was obtained for 
’a*. For greater vaporisations, however, the need was 
recognised to divide the tube into boiling and non-boiling 
sections* In the non-boiling section a value of !a! was 
obtained of 0 .0 2 9 3* although this predicted heat transfer 
coefficients 2-i+ times lower than those in the boiling 
section.
(5 )Brooks and Badgerw 7 conducted experiments on a 
single tube, natural circulation evaporator 20 feet long 
and 1.76 inches internal diameter. Steam was used as the 
heating medium. The temperature distribution along the 
tube axis was measured and the boiling section assumed to 
be the point between the maximum stream temperature and 
the upper tube sheet. It was considered that the most 
important variable affecting the heat transfer coefficient 
in the boiling zone was the liquid velocity which would be 
controlled by the amount of vapour present,
+81% of their data was correlated to within - 20% by
the expression ■
' / \  0.27
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where I)' is the over all average beat transfer coefficient a
in the boiling zone and £^Tav is the difference between
the average stream temperature in this region and that of
the heating steam.
M = 0 .0 5 6 log'f
10 ZiTav
The same authors also made a visual investigation of 
flow boiling. They verified the observations of Barbet^^ 
that the flow regions observed progressing up the tube 
were
1) Bubble flew
2) Slug flow
3) Annular flow
It was also found that the vapour core in the annular
flow region contained a spray of liquid.
(7 )
Strobe, Baker and Badgerw ' continued the work of 
( r )
Broods and Badgerv but eliminated the non-boiling 
section by introducing live steam into the feed at the 
bottom of the tube. In some runs they added "Duponal"
(a surface active agent) to the feed, and found that this 
increased the boiling side heat transfer coefficient by a 
factor of 2-1].. Various concentrations of sugar solution 
were also used to investigate the effect of viscosity.
90% of their results were correlated to within - 20% 
by the expression
Prom a recalculation of the results of Brooks and 
(5)Badgerx 3 it was suggested that there could he a lowering
of the heat transfer coefficient with a decrease in hoiling
length for the same diameter tube*
(8)Foust, Baker and Badger^ ' obtained data from a basket 
type natural circulation evaporator, having 31 steel tubes 
of 2 ^ inches external diameter. It was found that the 
overall heat transfer coefficient increased with increasing 
boiling point and temperature difference, but with a 
decreased liquid level.
The circulation rate was also investigated and Yms 
found to have increased with boiling point and temperature 
differences. It reached a maximum when the liquid was 
just above the top tube sheet.
(q)
Cessina, Lientz and Badgerwy investigated overall 
heat transfer coefficients in a long tube natural 
circulation evaporator using water and sugar solutions.
They presented a correlation of their results for the non­
boiling section of the tube, and mentioned that the 
coefficients in this section were much lower than those 
in the boiling region.
Cessina and Badger continued the work of the
- 9 -
previons authors using a smaller diameter tuhe, and 
presented a lengthy expression to determine the maximum 
liquid temperature for this type of system.
In a review of two-phase heat transfer up to 1957?
(1 1) 2 )Collier' J discusses two papers hy Rashko' '' . In
the first paper the effect of diameter on the overall heat 
transfer coefficient for water hoiling inside iron tubes 
at atmospheric pressure was investigated. It was 
concluded that there was no effect of diameter,
In the second paper it v/as shown that the heat 
transfer coefficient was independent of the velocity of 
the liquid; that the tuhe length had little effect, and 
from a comparison with the results of other research that 
it was also independent of the nature of the heating 
surface *
(1 1)In the*same review Collier' ' reports the work of 
L u k o m s k i i ) ( l 6 ) ( l 7 )  wk0 COnsidered that when a liquid 
was hoiled In a tuhe, the process differed markedly from 
pool hoiling. The maximum heat fluxes, which could he 
sustained when water was hoiled in vertical tubes, were 
investigated. The results indicated that there was no 
remarkable change with length or diameter of the heated 
section, and that for the range of inlet velocities and 
steam qualities covered, these had little effect.
(1  o \
Coulson and Mehta'* ' obtained data from a single
-1 0-
tube evaporator 5i feet long and -jfinch internal diameter. 
Hot water was used as the heating medium. Average hoiling 
side heat transfer coefficients were obtained using water, 
sucrose solutions and Isopropyl-alcohol for a range of 
operating conditions. The liquids entered the bottom of 
the tuhe at their hoiling points.
The results of the investigation were expressed in 
the form
hpp = K ' j ^ T 0,6 G°“25
The exponents were obtained from a series of graphs 
and the constant K 1 had a different value for each feed, 
because of physical properties not represented in the 
equation.
The effect of surface tension was also investigated 
by using 0,01 - 0.1 % ^eepol* solutions. It was found 
that a reduction in surface tension led to an increase in 
the heat transfer coefficient and the pressure loss along 
the tuhe. It was pointed out, however, that this could 
possibly have been due to the foaming action of the 
1Teepol1.
(19)Pirit and Isbin y obtained data from an electrically 
heated, single tube natural circulation evaporator L\. feet 
10 inches long and 1 inch internal diameter. The feeds 
used were water, Potassium Carbonate solutions, Isopropyl 
Alcohol, Normal Butyl Alcohol and Carbon Tetrachloride.
-Hlr.
Average 'boiling side heat transfer coefficients were 
measured* and two methods were used to correlate their 
results.
The first was dimensional analysis and the following 
equation was obtained* • .
/ \0.8 / v 0.6 / \0*33
ys / TN T T  ~ > I  S I  . . \  i \
nTP°- = 0.0086 M K1
h
was a log mean velocity based on those of the 
inlet and the outlet* and (T was the surface tension of 
the liquid used (CTW "being that of water). 91% of the 
runs deviated by less than 10% from this expression.
The second method of correlation used was to subtract 
from the total heat flux the calculated convection 
contribution (from the Dittus-Boelter equation) to give a 
boiling heat flux. This was then used in a pool boiling 
equation obtained by Rohsenhow^^ viz:
(Q/Ah> So <3
■°.33 ,-j
Pr
^  I \j £>( Pq-’Py)
Values of Cg^ varied with the liquid and the type of
surface.
(21)(2 2)Rirschbaum' J published two papers reporting work
on a single tube evaporator 1 2 .8 feet long and 1 .5 8 inches 
inside diameter.
In the first paper, results were obtained using
- 1 2 -
distilled water, sugar solutions and water with a surface 
active agent added (rNekal!). The apparent liquid level 
was varied "between 25 and 75% of the tuhe length and it 
was Bhown that the highest coefficients were obtained 
with the lowest liquid level.
At atmospheric pressure and an apparent liquid level 
of 75% of the tube length, heat transfer coefficients were 
given by the expression,
hTp = 17.8
However when the pressure was reduced to 1 .8 p.s.i.a.
the coefficients were lowered considerably and for the
0 8same liquid level were given by h^p = 22.0 (A.T) *
The effect of increased viscosity was to reduce the
coefficient at both pressures and it was shown that higher
coefficients were obtained by lowering the surface tension.
(2 2 )In the second paper Kirschbaumv 7 presented a
dimensionless correlation Of his results.
v / 0.5 0.25
hTP 6 \ = <f>/ ^ T*Cpl^ ^  P1 \  /
Kr  p. ^ X  / y o oopT | \~!
For an apparent liquid immersion of 75% of the tube
length <f> = O .236 and for i+0% <fi = 0 .3 7*
(23)Coulson and McNellyv 7 in an extension of the work
, ,, -u. (1 8) used silver tubes 5i feet long of Coulson and Mehtav 7  ^ s
of various diameters (i inch - 1 inch). A range of 
feeds was investigated and pressurized water was used as
■13-
the heating medium•
It was shown from plots of temperature difference . 
versus "boiling side heat transfer coefficient that there 
were three distinct regions of heat transfer, via.
With increasing temperature difference; forced convection, 
nucleate "boiling and a liquid deficient region in which 
the coefficient decreased.
In the nucleate "boiling region, they correlated their 
results using an equation obtained "by MeNelly^2^  from 
dimensional analysis.
In the forced convection region (which it was thought 
corresponded to one of annular flow) the correlating 
equation used was
Two tube diameters were used (0.75 inch and 1 inch) and 
results were obtained for a variety of organic feeds.
The heating medium used was hot oil.
Point values of boiling side heat transfer coefficient
The value of C was 39 ft
(2 5)Guerrieri and Taltyv 7 conducted experiments on a 
single tube natural circulation evaporator 6^ feet long.
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were obtained and it was thought that heat transfer 
occurred hy two simultaneous processes, forced convection 
and nucleate boiling.. These predominated at higher and 
lower vaporisation rates respectively.
An attempt was made to separate the two mechanisms 
and for the convective coefficient the following expression 
was obtained
h^ was obtained from a modified form of the Dittus- 
Boelter equation, where the Reynolds number was calculated, 
using the mass velocity of the unvaporised part of the feed.
Account was taken of nucleate boiling superimposed 
upon convective heat transfer by means of a nucleate 
boiling correction factor. r
was a parameter obtained by Lockhart and
Martinelli
viz
N.B.C.F. = 0.187
-a* \ /
where f is the minimum radius for a thermodynamically
stable bubble. This was obtained from an equation
(2 1 )recommended by Frenkelx ' viz.
-15-
Tm L L  TSAT = R " TSAT* TWALL In / -■ - 2 O’
h -
x  \
The laminar film thickness o is given by:
g  = 10|U
Dg
1
P1
|/d^  \where \ were calculated from the correlation of
Lockhart and Martinelli^2^^  for two phase pressure loss.
The final expression obtained for the boiling film 
coefficient was
hTP = 0'1 ®7 ho ( p  j
This correlated 88%; of the data to within i 20%. In 
a comparison with the work of Dengler and Addoms^2®^  however, 
it gave- coefficients 27% lower than those measured.
Dengler and Addoms^2^  investigated local boiling film 
coefficients during forced circulation evaporation of water 
in a 20 feet long 1 inch inside diameter vertical copper 
tube. Water entered the tube at its boiling point, and 
the variables under consideration were plotted as functions 
of tube length.
From the results obtained it was concluded that forced 
convection was the primary heat transfer mechanism.
Nucleate boiling occured as a secondary mechanism at 
the bottom of the tube but this was suppressed by the 
increasing, vapour induced, velocity.
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For the runs on which forced convection was predominant
their results were correlated "by the expression;
C.5
hTP = 3.5
hi yttj
where h^ is the all liquid coefficient obtained from the
conventional Dittus-Boelter equation.
85% of the purely convective data was correlated to 
+within - 20% "by this equation.
Those runs during which it was believed nucleate
boiling occurred shov/ed considerable deviation from this
h 1expression. By plotting TP versus it was shown that
hx Att
the deviation was most marked at low values of vaporisation,
The individual run blended into the main correlation at
1higher values of *r— , The point where this occurred was
Xtt
assumed to be where nucleate boiling was suppressed. To 
correlate these runs a Nucleate boiling correction factor 
rF r was obtained
.1 0 . 1
F = 0.67 H A T  - M.. 11— —  . ?!tI ( A t £ ^ ( - 3  
lA
S T° SAT ,
where vma the temperature difference at the point of
suppression.
This was used with the convective correlation viz. 
hTP = P. '
~  ( y 0,5
This expression was only used when exceeded unity*
It correlated 18 points to within - 25% and 2 to within
i 50%.
The Authors also found that for high vaporisation runs, 
a sharp decline in the heat transfer coefficient occurred in 
the upper part of the tube. It was thought that this was
due to the existence of a dispersed flow region.
(29)Cathro and Taitv J' conducted a quantative and photo­
graphic study of a forced circulation evaporator.
In the first, various liquids were used together with 
two tube diameters and lengths, viz. Two 60 inch long 
tubes of internal diameters 0 .3 7 5 inches and 0 .7 6 5 inches 
and a 30 inch long tube of internal diameter 0 .3 7 5 inches.
The effect of their principal variables on the overall 
heat transfer coefficient was investigated and the following 
general conclusions reached.
1 ) As the temperature difference increased various
regions of heat transfer were found. This was in­
ferred from changes in the slopes of the temperature 
difference versus heat transfer coefficient curves *
2 ) The feed rate had little effect on the boiling 
action at low values, but its effect was more 
marked above a certain critical Reynolds number.
3) No simple relation existed between the heat 
transfer coefficient and the tube diameter.
U) From the work on the 60 inch tube it was suggested 
that the heat transfer coefficient was proportional 
to length raised to an exponent of 0 .7 *
5) Beyond a certain percentage vaporisation (approxim­
ately 80-8 5) the heat transfer coefficient decreased 
hecause of the existence of dry wall conditions.
A correlation of the results was presented in the form
of a dimensionless equation* viz.
This correlated the Author1s data and that of Strobe, 
Baker and B a d g e r t o  within - 30% and Coulson and Mehta!s^^ 
to within - 20%.
In the photographic study* a steam heated glass tube 
was used 6/4.I4 inches long and of O.ij.2 inches internal 
diameter. Various types of boiling action were found, 
dependent much more on the heat flux than the feed rate.
At low heat fluxes slug flow occurred, the vapour 
slugs being produced by coelescence of the bubbles formed 
on the tube wall. Increasing heat flux caused more rapid 
coelescence, until an annular film was formed on the tube 
walls, with a central vapour core. In this region,
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nucleation on the walls was effectively suppressed. Further 
increase in the heat flux led to entrainment of droplets in 
the vapour core and a decrease in the film thickness.
Marked slippage "between vapour and liquid phases was 
found in all regions. i
Foltz and Murray used "boiling Freon IIJ4. to 
investigate the variation in heat flux along the length of 
vertical steam-heated tubes. The tubes used were all 
8 feet long and had internal diameters of i* and inches. 
Local values of heat flux were measured by collecting the 
condensed steam in 8 cups equally spaced along the tube 
length.
From the results obtained, the following conclusions 
were drs.wn:
1 ) Heat transfer rates were uniform along the tube
length, up to steam to Freon temperature differences 
of approximately 20°F, Above this value the first 
1 2.5% of the tube transferred 75% of the heat.
2) Freon pressure had no significant effect.
3 ) The heat flux increased rapidly up to a steam to 
Freon temperature difference of 20°F then became 
approximately constant because of vapour binding 
at the top of the tube.
I4.) A 100% increase in Freon flowrate resulted in a 
20-30% increase in the maximum heat transfer.
5) No real relationship was found "between heat flux and
side heat transfer coefficient in a forced circulation 
evaporator* Four tube diameters and six liquids were
Methanol * Ethanol, Chloroform, 2-proponol and 20 and 1+0% 
glycerol solutions).
The results obtained were presented as plots of boiling 
side heat transfer coefficient versus the bulk liquid 
velocity tV^t for positions along the tube length. (The 
bulk liquid velocity viras defined as the sum of the vapour 
and liquid superficial velocities.) This approach assumed 
no slip between the phases. In the annular flowT (climbing 
film) region of the tube with which the Authors were 
primarily interested, was assumed to be the vapour 
velocity.
Their results were correlated using "Mechanism Ratio 
Analysis" which led to the following expression.
an V t) ratio.
(xi)
Penman and Taitw  ' measured local values of the boiling
#
investigated, (viz. ^  J and 1 inch diameters; Water
\ Surface forces resisting surface expansion 
= f jMomentum forces causing surface expansion \ 
\Surface forces resisting surface expansion
(
Thermal forces c on
This was reduced to the equation:
-21
0*5
o
By introducing the feed either slightly subcooled or 
with some vapour present, it Y/as concluded that for a given 
bulk velocity the heat transfer coefficient would be the 
same, irrespective of length.
diameter on the flow pattern, hold-up and pressure loss for 
the vertical flow of air/water mixtures. It was concluded 
that the tube diameter had an important effect on the 
transition point betv/een flow regimes, the hold up and on 
the superficial friction factor.
Laird Scott and Thomson presented results from a 
two-tube natural circulation boiler. Three tube diameters 
were used and the tests covered a pressure range of 50—ll+OO 
lbs/in ,
Circulation velocity plotted to a base of boiler - 
pressure, yielded complex but characteristic curve groups, 
one for each tube diameter,
Non-dimensional plotting was also tried, to give a 
better correlation, using two groups proposed by Silver
(^2)G-ovier and Shortw  ' investigated the effect of tube
viz
Thermal expansion Number N.
2.3gDA2
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/V - V N _
Circulation Function U = v s wj g
vw
q is the specific heat input based on inside tube area and
d is the dryness fraction.
A logorithmic plot of these two groups gave three
curves, one for each tube diameter*
(35)Turnerw  investigated the performance of a gravity
fed natural circulation evaporator. Copper tubes were
ueed 2.8 and 1 .14.3 feet long, of internal diameter
0.35U inches and brass tubes of the same lengths but having
diameters of 0.669 inches.
Overall heat transfer coefficients were measured and
the results obtained were presented as a series of graphs.
No correlation was attempted.
Kirschbaunr-measured tube wall and axial stream
temperatures in a steam heated evaporator tube of 1 .6 inches
inside diameter and 16 feet long. Water was used as the
feed and it entered the tube at the saturation temperature
of the liquid in the separator.
From plots of wall and stream temperature profiles, it
was concluded that in the lower part of the tube, before
the point of maximum stream temperature, subcooled boiling
occurred. This supposition was shown to be correct by
photographic methods.
(x~?)
KirSchbaumw  ' in a. further study, used copper tubes
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of 0 ,6 , 1 .I4., 2 y05 and L\. inches internal diameter and 3*3 ? 
6 .6 , 9*9 and 13*5 feet long. 1, 2, 3 or 5 tubes were 
built into the evaporator. The feeds used were distilled 
water and sugar solutions.
Heat transfer coefficients were calculated using an 
apparent overall temperature difference defined as the steam 
temperature minus the saturation temperature of .liquid in 
the vapour space,
The liquids were introduced at the bottom of the tube 
at this saturation temperature which varied between 50 and 
100°C.
The results from a 13*2 feet long tube were rejected 
because heat transfer coefficients measured were 15% higher 
than expected. It was suggested that this was because of 
dropvd.se condensation of steam which occurred at the top of 
the tube. For the other tubes, visual checks were 
conducted to ensure that film condensation took place.
No correlation was attempted and the results were 
presented graphically.
f 7g \
Anderson, Haselden, and Mantzouranis^D } measured 
■ local values of boiling side heat transfer coefficient in 
a forced circulation evaporator tube 6 feet long and.^ inch 
internal diameter. The tube was heated along its length 
by thirteen independently controlled electrical heaters.
The feed (distilled water) entered the tube at its boiling
-Pin­
point and a travelling thermocouple and pressure probe were
used to obtain axial temperature and pressure profiles, 
r
The steam temperatures were found to correspond to within 
0.2°P of the saturation temperatures obtained from pressure 
profiles.
The results were presented as plots of boiling side 
heat transfer coefficients and film temperature differences 
versus tube length. The changes in heat transfer mechanism 
were illustrated by changes in the slope of these curves.
In the lower part of the tube nucleate boiling was 
assumed to occur. The point where it was suppressed by a 
vapour induced increase in velocity was taken as the point 
of inflexion between the maxima and minima in the temperature 
difference profiles. These points were correlated by the 
expression
A t  v - At = 81 i tH/'inb o n | - Uq J
Subscript o referred to inlet conditions.
U* was the friction velocity at the required level in the 
tube
velocity and the square root of the friction factor for all
liquid flow in the tube.
Prom this relation, those parts of the tube where forced
convection (supposed annular flow) occurred were determined'.
Using methods outlined in previous publications(39*UO*Ul) 
based on an annular flow model, the liquid hold-up and hence
and UJ was found as the product of the inlet
t ?5t
the liquid film thickness were deduced* vVhen the calculated 
values of the parameter & t T I = 0 1 U were' %  ~ I
compared with the experimental ones, the ratio varied 
"between 0.5 and 1 .3* "temperature drop
across the annular film, and q is the heat flux at the 
tube wall.
An attempt was made to empirically correlate the
f
ratio against where f was the experimental friction
factor and f! that for the same vapour flow through a 
smooth tuhe. The expression obtained was:
A t^exp • ‘
 5-^- = 0.5 + 0 .324.5 log
A tmcalb
This equation correlated the convective data to + 30%
+and - 20% with half the data to within - 10%.
The authors note that the results of Dengler^^ fell 
well helow this curve.
(jo)
Nagel^ ' studied the evaporation of ethyl alcohol/ 
vmter mixtures in a single tube natural circulation system. 
Tubes 1.6 inches internal diameter were used of lengths 
between I4..9 and 13*1 feet. A travelling thermocouple was 
used to measure axial stream temperatures and from these 
the boiling and non-boiling zones in the tube were separated. 
Wall temperatures were measured along the tube length with
-26-
thermocouples.
Average heat transfer coefficients were obtained for 
both boiling and non-boiling sections, by calculating the 
heat transferred in the non-boiling section (using the mass 
flowrate and the difference between the inlet and maximum 
stream temperatures) and subtracting this from the total 
heat flux to give that transferred in the boiling section.
As the travelling thermocouple measured temperatures 
in the centre of the tube, the use of the above procedure 
depended upon whether temperatures were uniform across a 
tube section. This was shown to be the case by reference 
to a Russian p a p e r w h i c h  gave radial temperature 
distributions in an evaporator tube.
Plots of heat transfer coefficient in the boiling and 
non-boiling zones versus average steam to tube wall 
temperature differences were presented. For constant 
values of submergence, plots of overall heat transfer 
coefficient versus inlet temperature were given for various 
temperature differences.
It was shown that the heat transfer coefficient 
increased with increasing circulation rate, and that to 
maintain natural circulation a minimum temperature 
difference was required. The practical value of temperature 
difference varied between this minimum and approximately
50°c.
To obtain a correlating equations, two parallel heat 
transfer mechanisms were assumed; nucleate "boiling and 
forced convection. The following expression was obtained
fN T was the number of nuclei/surface; F^ the area of a 
nucleation site; h^ the heat transfer coefficient within 
R., and h,, the heat transfer coefficient outside F,T. hrr wasiM zv IN
obtained from
^  = C. Se.x P 7Tr K i r
IV1
and tuT fromIN
T-v
= °B Re^  Prm
, / ~~   \
b was the laplace parameter ( /---— --   t which was
\ n/ P1 - pv /
connected to the detachment diameter of a bubble by the 
empirical relation d^ = constant b.(3 where 6 was the 
contact angle.
Re^ was the bubble Reynolds number * which was obtained 
from an expression derived by Forster and Zuber^"^ for the 
product of bubble radius and growth rate, viz.
h,T. b
From this the bubble Reynolds number was defined as,
2Re^ — Cj, » p-^
d eR.F^ j. = Cy T Re-^  This relation was also obtained by 
Forster and Zuber^^ and
T = b p Y A,t 
2 5"
where p* is the slope of the vapour pressure versus 
temperature curve.
The final correlating equation obtained was
hTP = 0.237 x 10~8 I^UPr)^3 (Rep1*07 T1 *86 +
0.435 (Re)l0*51 (1-1.96 x 10-8(Re)l30*52 T1 *86
The constants were obtained from the experimental results.
(Re)^ was calculated using a logarithmic-mean velocity 
between the tube inlet and outlet assuming no slip.
By taking (Re)^ = 0 the exponents on U  and were 
compared with those for pure nucleate boiling. The agree­
ment was found to be good.
The literature survey shows that little work has been 
conducted on natural circulation systems, where *loeal values 
of the boiling side heat transfer have been measured.
These measurements are important as the existence of 
different regimes of heat transfer in evaporator tubes is 
well known.
Another point arising from the survey is the conflicting
evidence on the effect of tube geometry. Rachko^ M   ^ ,
Lukomskii s an£ Roltz and Murray found little
influence of tube diameter on the heat transfer coefficient,
(23)although Coulson and McNellyv introduced an additional
diameter term into their equation to correlate the data
(32)obtained. The work of G-ovier and Shortv , and Laird,
(33)Scott and T h o m s e n a l t h o u g h  not directly relevant to
natural circulation evaporation, show a marked effect of
tube diameter, in two-phase systems.
In the review of two-phase heat transfer up to 1957 
(11 )Collier ' concluded that there was no general method for 
predicting heat transfer rates to two-phase mixtures and 
that the effect of tube geometry was uncertain. Little 
v/ork conducted since that time has invalidated those 
conclusions,,
It was therefore thought that an investigation was 
necessary concerning heat transfer rates in a natural 
circulation system, satisfying the following conditions:-
-30-
1 ) It should he carried out on an industrial scale 
and cover a corresponding range of tube diameters.
2) Local values of the boiling side heat transfer 
coefficient should be measured.
3) A design procedure should be presented to enable 
heat transfer rates to be calculated in 
industrial natural circulation systems.
-SI-
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Legend for Fig, 1 »
1) Header tank
2) Main storage tank
3) Positive displacement pump 
h) Orifice plate meter
5) 'Peed preheater
6) Steam jacket
7) Cyclone separator
8) Moisture separator
9) Make-up feed pump
S„T0 Steam trap
T Thermometer
. P Pulley (Travelling thermocouple)
V Vent

" 3 Lf- -
Purge PyrqQ. Purge 
j  ' AJ I
*=<£* . c*p=» c^jVa ■
“U
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3* Description of Apparatus 
(i) General
The apparatus consisted essentially of a steam 
heated, single tube, natural circulation evaporator, 
in which a positive displacement pump was used to 
obtain various submergence levels, indicated on a 
standpipe. Provision was made in the design for 
tubes of various diameters to be used, and local 
values of boiling side heat transfer coefficient to 
be measured.
A schematic diagram of the layout is shown in Fig.1 
and plate 1 is a general view of the apparatus.
(ii) Feed circuit
Distilled water was used throughout as the feed. 
Reference will bo made to Fig.1 in this section. 
Feed water was supplied from header tank (1); 
make up feed being pumped up from the main storage 
tank (2). The water in both tanks was kept at 
its boiling point by means of live steam.
The positive displacement pump (3) was used to 
maintain a constant value of submergence indicated 
on a standpipe (Fig,2). The corresponding flow- 
rate was measured using a calibrated orifice plate 
meter (it-).
— 2>(a~~
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In order to eliminate the non-boiling section in the 
evaporator tube* the temperature of the feed at the 
tube inlet was raised to its saturation value by 
means of a steam preheater (5). Sight glasses were 
provided to ensure this, and as an additional check, 
comparison could he made of the saturation pressure, 
corresponding to the measured inlet temperature, 
and the actual Inlet pressure obtained, from a mano­
meter (Figa2),
To avoid inlet contraction or expansion losses, 
separate preheaters were made for each evaporator 
tube. A photograph of the Lj.n preheater is given 
in plate 2, those for the *$1" and 2,? tubes being 
similarly constructed.
The steam water mixture from the evaporator tube was 
separated in a cyclone (7), the steam being blown 
to waste and the water returning to the header tank*
(iii) Evaporator Tubes
Three evaporator tubes were investigated which had 
internal .diameters of ,f, 2U and U"* These were 
considered to cover an industrial range. The 
heated length for all tubes was 9 feet.
The wall thickness of the tubes was chosen as 
This facilitated the insertion of the wall thermo-
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couples and according to G-roothuis and Kendal 
would reduce hy ^  9 temperature disturloanees on the 
steamside of the tuhe.
18 Cu/eonstantan thermocouples were used to measure 
wall temperatures, equally spaced along the tuhe 
length. They were P.V.C. insulated and cemented in 
to a depth of " with an epoxy resin (uAralditeu). 
In order to obtain local values of heat flux, six 
equally spaced condensate collecting pots were 
soldered along the tuhe length.
Pig.3 shows the tuhe arrangement and plate 3 is a 
photograph of part of the 2" tuhe showing the wall 
thermocouples and collecting pots.
At either end of the tuhe (outside the steam jacket) 
B.S.P. pressure tappings were made. The arrange­
ment for supporting the tuhes in position vertically 
in the steam jacket is shorn in Pig«U*
(iv) Steam jacket
A diagram of the jacket is given in Pig.5 and 
supplementary figures are given showing:
Pig.6 The method of removing the condensate from 
the collecting pots, through the jacket wall.
Pig.7 The method of removing the thermocouple leads 
through the jacket wall.
S r a t o f a W '  T u b e
- L |£ r
The method of packing the evaporator tubes in 
the end plates (separate pairs of end plates were 
used for each tube)#
The jacket was mounted on plumber blocks, so that by- 
means of a winch and pulley arrangement it could be 
rotated from a horizontal position (when inserting 
the tubes) to a vertical one for the experimental
work.
Pour pairs of flanged h" pip© stubs were welded into 
the steam jacket, these having a twofold purpose#
1) They enabled the condensate line and 
thermocouple connections to be made 
inside the jacket when assembling 
the tube,
2) One pair was fitted with sight glasses 
so that a check could be made that 
dropwise condensation was being 
maintained on the tube wall; the 
others being blanked off. Two of 
the blanks housed thermometer pockets.
The jacket was vented in two places to prevent the 
build up of non-condensables#
Two Bourdon type gauges were used to measure steam 
pressure.
The condensate from the jacket walls was discharged 
through a steam trap.
Giici u
LA
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(v) Steam supply
Steam was supplied to the Jacket via three globe 
valves in parallel, ^" and 2", enabling the
working pressure to be regulated accurately) and 
a simple moisture separator (8), The arrangement 
is shorn in Fig.1•
In order that the steamside heat transfer coefficient
was as high as possible, provision was made for the
infection of Oleic Acid into the steam supply, for
0 l7 )the promotion of dropwise condensation^ . Fig.9 
shows the arrangement.
The enthalpy of the inlet steam was*determined for 
each run by a method given by Lyle^^.
(vi) Travelling Thermocouple
In order to determine film temperature differences, 
it was necessary to measure stream temperatures at 
positions along the tube length. The arrangement 
is shown in Fig,10.
The enamel insulated copper and constantan wires 
were made the same length, so that by positioning 
the scale, and ensuring that the pulleys formed a 
rectangle, the exact location of the thermocouple 
bead, inside the tube, was known. The scale was 
marked to show the positions of the tube wall 
thermocouples.
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The thermocouple head was kept in the centre of the 
tube by means of a spider device into which the 
wires were cemented using "Araldite". Plate k 
shows the centering device used with the 4" diameter 
tube. The other sizes were of similar construction. 
For the spider device used with the *<if tube, an 
experiment was conducted to determine the pressure 
loss caused by its presence. At a flowrate of
1500 lbs/hr of water, (this being greater than the
maximum used with this tube) the pressure loss over 
the spider was 0.2" Hg. less than 2% of what might 
be expected for these conditions in an experimental 
run.
The packing arrangement for the thermocouple wires
at the ends of the tubes is shown in Fig.11.
(vii) Condensate metering
The condensed steam from each of the six collecting 
pots, after being taken through the wall of the 
steam jacket, passed, via strainers, to six 
independent float type steam traps. This type 
was used as it gives a continuous discharge of 
condensate. Three way cocks on each trap enabled 
the condensate to be either metered or passed to 
drain. ' The layout is shown in plate 5*
The condensate rate was measured by passing it into 
a vessel containing cold water over a given time 
interval and noting the increase in weight.
This method overcame the problem of flashing of part 
of the condensate.
(viii) Pressure measurement
The feed inlet pressure and the pressure loss over 
the tube length were measured by two interconnected 
mercury manometers. A perspex standpipe connected 
from the bottom pressure tapping into the cyclone 
separator gave the approximate equivalent liquid 
height (i.e. submergence).
Tee pieces were fitted on each manometer so that the 
lines could be purged of air before any readings 
were taken (this also applied to the Orifice plate 
manometer).
Fig. 2 is a diagram of the pressure measuring 
arrangements.
(ix) Thermocouple measuring circuit
In order to obtain as high a degree of accuracy as 
possible in the measurement of tube wall and stream 
temperatures, the temperature of the thermocouple 
reference junction was that of atmospheric steam.
The outputs from the thermocouples were fed to a
1hr&£Ke-Vo/evACfi.
?o tuidCroiAZ^Cif
24 poS\t>&^ \
2 !?*> Sv^ tfccL.
3 m b^is -Pi*V
fvj 'OQ. ^Cv.(A
T k e m a c o u ^ c c .  '
gbpufc -^ fow[ .
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f&A fecofdQf.
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-55-
single point potentiometric recorder via a D<>C. 
amplifier. The temperature of the reference 
junction was measured using a thermometer which had 
a range of 209-213°P divided to 0,1°F,
The outputs from either the tube wall thermocouples 
or the travelling thermocouple could he selected hy 
means of a switch, and a 22+ position 2 pole switch 
enabled the outputs from the 18 tube wall thermo­
couples to be registered individually,
A diagram of the circuit is given in Pig,13? and 
plate 6 is a photograph of the layout.
Before each set of readings were taken (comprising 
the 18 tube wall and 18 travelling thermocouple 
e.m.f*s) the circuit was checked using a standard 
potentiometer.
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h. Calibrations
(i) Tube wall thermocouples
The steam pressure in the jacket was kept constant 
by replacing the jacket steam trap by a globe valve 
and length of hose, through which steam was bled to 
v/aste. With the ends of the evaporator tubes 
blocked the outputs from the wall thermocouples were 
registered for various steam pressures, these being 
allowed to stabilise before each set of readings was 
taken. The temperature of the steam was measured 
by two calibrated thermometers.
The temperature of the reference junction was recorded 
for each set of readings and a correction made to 
each wall temperature so that 212°F could be used as 
a fixed reference point. This also applied to the 
actual experimental runs. The correction is 
justified because of the linearity of the e.m.f. - 
temperature relation over the range used.
Calibration curves of e.m.f. versus temperature were 
constructed for each tube wall thermocouple.
(ii) Travelling thermocouple
The travelling thermocouple was adjusted to bring 
the junction next to the bulb of a thermometer at 
the bottom of the evaporator tube. Water, heated
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to various temperatures in the tanks, was then 
pumped around the circuit. The output from the 
thermocouple was measured on the pen recorder* and 
a calibration curve of temperature versus e.m.f. 
obtained, after a correction for the reference 
temperature as in Section (i).
(iii) Heat flux
The heat flow through the evaporator tube wall was 
calculated from a knowledge of the amount of steam 
condensed and its latent heat.
To check the accuracy of the method, water was 
passed around the circuit and heated by condensing 
steam to a temperature below its boiling point.
The heat flux was then calculated by two methods, 
viz
1 ) By metering the condensed steam
2) Prom a knowledge of the mass flowrate and the 
inlet and outlet temperatures.
The deviations between heat fluxes obtained from both 
methods all fell within ~ 3%»
(iv) Orifice plate meter
For various pressure losses across the orifice, the 
time taken for a known weight of water to be 
collected was noted, and a calibration curve of
\
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pressure loss versus.flowrate constructed.
As the flowrate for a given submergence varied with 
tube diameter, different orifice sizes were used for 
the different flowrate regions and calibration 
curves were constructed for each.
(v) Thermometers
N.P.L. Certificate thermometers were used to check 
those measuring steam, inlet water, reference 
Junction and ambient temperatures.
(vi) Manometers
Because of the necessity to position the manometers 
where they could be easily read, calibration curves 
had to be constructed relating actual pressures and 
pressure differences to those observed. These are 
shown in Pig. 1% while Pig.1% gives the method of 
calculation.
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5® Experimental procedure
When starting the apparatus from cold the following 
procedure was adopted.
The two pumps were started, and the steam supplies to .. 
the jacket, tanks and reference junction, opened.
The condensate from the float traps was directed to 
drain, all manometer lines purged and a small quantity 
(ahout 10 mis) of Oleic Acid injected into the main steam 
line to the jacket.
Aviwai check was made that dropwise condensation was 
obtained on the tube wall.
When the water in the tanks reached just below boiling 
point, the steam supply was adjusted to keep the temperature 
stable, and the main steam supply to the jacket was adjusted 
to give the desired pressure.
The bypass valves on the positive displacement pump 
were adjusted to give the approximate value of submergence 
required. The steam supply to the feed preheater was turned 
on and adjusted, until vapour bubbles could be observed 
through the sight glasses at the tube inlet, the submergence 
level then being finally adjusted.
The pen recorder was turned on and the apparatus left 
until steady values of tube wall thermocouple e.m.f*s were 
obtained.
When conditions had stabilised, the thermocouple 
measuring circuit was checked with the potentiometer, and the 
following measurements taken,
1
2
3
h
5
6
7
8
9
10
Inlet pressure 
Pressure difference 
Flowrate 
Submergence
18 Tube wall thermocouple e.m.f’s,
18 Travelling thermocouple e.m.f’s at positions 
corresponding to the wall thermocouples. 
Reference junction and Ambient temperatures 
Steam pressure and temperature in the jacket 
(Two readings of each)*
Inlet feed and outlet mixture temperatures*
6 Condensate flowrates.
The value of inlet steam enthalpy was also determined 
During the time these measurements were "being taken, 
frequent checks were made of steam pressure, submergence 
level and inlet condition*
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6. Calculations 
6 (i) Heat Flux
Values of heat flux for each of the six sections were 
obtained from the enthalpy of the inlet steam (which was 
measured), and the flowrate of that condensed on the tube 
wall.
Because dropwise condensation was maintained on the 
outside of the tube wall, heat transfer due to sub-cooling 
was considered to be negligible.
6 (ii) Boiling Side Temperature Difference.
The tube wall temperature was determined at a point 
3/^g,f from the outside surface. The heat flux for a
particular section was known, and so the temperature at 
the inside surface of the tube could be calculated. This 
together with the corresponding axial stream temperature 
established the boiling side temperature difference.
6 (iii) Pressure Loss
Pressure Losses for the bulk boiling regions in the 
evaporator tubes were calculated from the axial stream 
temperatures* assuming saturated'flow. This .assumption is
/ 70 \
justified by reference to the .work of'hnderson et al.^ '
(Section 2).
6 (iv) Exit Quality
The values of exit quality used in section 7(ii) were
determined.from the mass of vapour produced by the boiling
process (calculated from the heat transfer) and that part
of the feed vapourized due to the reduction in pressure
(i.e. flashing)
6 (v) Single Phase Liquid Pressure Loss
* • pi*    I. im ii m, m im m i.i'o  j m  ■—  «^ m *-■ ■■ i*r» u.—  ■»wim%i    
Values of used in section 7(ii) were calculated
from the Blasius equation^^ viz
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7• Theoretical Considerations
7. (i) Heat transfer to a two phase mixture
 ^ ^ i) General
A review of the important correlations available for 
the prediction of heat transfer rates to boiling liquids in 
vertical flow is contained in the literature survey,
(Section 2») These may be conveniently grouped into three 
main approaches:
(1 ) Dimensional Analysis^ 9>23?2L{.)
(2) Use of the Martinelli parameter , raised
to some exponent, as a multiplying factor, in
conjunction with the forced convection heat
transfer coefficient, obtained from the
Dittus-Boelter equation (or modifications of it)
(28 )e.g. Dengler and Addoms'* ' obtained
hTP = 3.5 (_1__  )°"5
h  (xtt )
(25)and Guerri and Talty
hTP = 3.4 (Ju.)0-115
h  <Xt U
It should be pointed out that Dengler and Addons’ 
relation for h^, is based on the total flow rate, whereas 
Guerri and Talty used only liquid flow viz, G(i-x), where 
fx ’ is the outlet quality,
(3) An approach whereby the heat transfer coefficient
is separated into a forced convection (or macroconvective) 
component and a boiling (or microconvective) component.
viz. h = h . + h.^^m.ic mac
Nagel used an area weighted approach and obtained 
an expression
hT? = hNo N. PN + hK (l - n *fn )
Where; N = Number of nuclii per surface.
= Area of a nucleation site,
hpj. = Heat transfer coefficient within F^.
h^ . = Heat transfer coefficient outside F^.
h_ was obtained from the work of Fdrs'ter and Zuber^"^JBl
and hg- from the conventional Dittus-Boelter equation.
Chen^*^ obtained empirically, values of two
dimensionless functions ’S’ and ?F f which allowed for
variations in boiling and forced convection components
respectively viz.
h ^  = h . x S  + h x F.TP mic mac
As in the work of Nagel h . was obtained using& • mic
the analysis of Forster and Zuber^-^ and h  using the17 mac
Dittus- Boelte.r equation.
(19)A similar qpproach was used by Pirit and Isbin J who 
subtracted the calculated convective contribution, from 
the total heat flux to obtain a boiling heat flux, which 
was then used in the pool boiling correlation of Pohsenhow^^
r _  ~] .33
7 6 6 -
Csf is a constant for a particular surface-liquid system.
All the above methods rely to a greater or lesser extent 
011 empiricism, (e.g. X++ was obtained from dimensionalO u
analysis and so too the Dittus-Boelter equation - only 
accurate at best to within + It was thus felt,
having regard to the complexity of the problem, that the 
simplest approach, and that most likely to lead to a useable 
design equation was dimensional analysis.
7 (i)(ii) Dimensional Analysis.
7 (i)(ii)(i) Selction of variables
The heat transfer coefficient in the boiling region 
may be expected to be influenced by:
1 ) The film temperature difference ,AT, this being 
the driving force for the transfer of heat,
2) The heat flux Q, This will be used together with 
AT as it may lead to the inclusion of an L/^ group.
3) The latent heat of the liquid A which will 
determine for a given heat flux, the mass of vapour 
liberated.
h) The liquid viscosity p. 3. which will influence the
degree of turbulence produced in the liquid film.
5) The surface tension €T which will determine the
size and growth rate of vapour bubbles.
6 ) The Geometry of the system. The internal diameter
of the tube D will therefore be included as the 
characteristic dimension!
■6?
7) The mass velocity G-. In a flowing system this should 
he included as it will influence the degree of turbulence 
in the tube.
8) The system pressure P., which will control the 
volume of vapour produced*
9) The liquid thermal diffusivity* This is the "basic 
conduction parameter and as heat is transferred through 
the liquid film it should he included* Therefore, liquid
he included.
7(i)(ii)(ii) Derivation of the equation.
Prom the preceeding section the variables to he considered 
are:
hTP - C (AT)a(K1 ) \ n 1 )C(G)d(Cpl)e( A ) f (Q)g(D)h (6 -)1
where C, a,h,c,d,e,f,g,h,i, and j are all constants 
Expressing this dimensionally
viscosity , density , and thermal conductivity will 
An equation may thus he written:
H
2
L T6
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Equating indices :
M: 0 = S + d -  e - f  + i + j (1 )
L: -2 = -b-c-2d + h - 3 (2 )
T: -1 = -b-c - d - g - 2i - 2j (3 )
0: *1 = a - b - e (W
Hs 1 = b + e + f + g (5 )
There are five equations and ten variables and 
therefore the solution will be in terms of d,e,i, g and a
From (U) b = 1 + a - e (6)
(k) + (5) f = -(a.+g) (7)
2 x (1 .) + (3) -1 = 2c + 2d - 2e - 2f + 2i + 2J
- to - o - d - g - 2i - 2j
- 1 = o  + d - 2 e - 2 f “ b - g  
Inserting (6) and (7)
-1 = c + d - 2 e + 2 a + 2 g - 1  
- a + e - g 
6 = e -  g -  a -  d (8)
From (3) Inserting (6) and (8)
-1 = - 1 - a  + e -  e + g + a + d
- d - g - 2i - 2j
D = ~ i (9)
From (2) Inserting (6) (8) and (9)
- 2 = - i - a  + e -  e + g + a + d -  2d + h +  i
/ # h  = - 1 + d - g - i  (*10)
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Re writing the original equation in terms of d, e, i, g and 
a:
hTP =c(AT)a(Kl)1+a-e(iil)e~g''a~d(G)d(Cpl)e
( X )_a-g(Q)g(D)"1+d"g“:L(6')l(P)"1
Collecting the terms into dimensionless groups:
hTpD _ G  (§L2ld (C lO® (J5J1 )g (&TK )a
( X ^ D )  ( - ^  )
7(i)(ii)(ili) Explanation of the groups
} ^ j  ’ S+H “ aS ^ !
are the Nusselt, Reynolds and Prandtl groups respectively
1 ) Consider the Group £ _
Xn-jB #
The derived Reynolds group is GD , and therefore the
upon Mn
former becomes substitution for in , Q, x Re
X d2g
which is therefore £_ /, \ x Re
A G -A %)
A Reynold group is already included in the equation
and b/ niay be included in the constant. Therefore %
Q may be replaced by Q , which may be rewritten
M>p-^ X ga
Q /
/x .
G.A
This is the evaporation rate divided by the total 
mass flow rate. The group has been obtained before,
-70- 
(51 )notably by Davidsonv ' who used it as a correlating 
parameter for his measured overall heat transfer 
coefficients.
2) Consider the Group T
This may he rewritten ^ T.K^ ( Q )
' (X • -0 •)
= AT.E^.D _ Q = 1 ( ^  ) Q
k IVo Ta t  * A t p D .  * ( i r r  ) A ^ . D ,
Again .Q is already included in the equation
X]J,^0D
and 1/ may he included in the constant. This therefore 
%
leaves a Nusselt group with length as the characteristic 
dimension.
It may he combined with the originally obtained 
Nusselt group as follows.
(hTp) (Kp
(h„p )1+a . D1+a . Li.
{ Kl)1+a DS
hTp.D)1+a (L)a
2 ' ^1
In the final equation, therefore, the original Nusselt
group may he included together with the group (l )
D) ■
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3) Consider the Group ■XT • -L)
It may he possible to explain the significance of
this group, by reference to an equation obtained by
(27)Frenkel 7, for the minimum size of a thermodynamically 
stable bubble, at a given temperature difference viz.
TWA1L - TSAT = R ' TSAT. TWALL . In (i + 2q-)
X  ( )
where r* is the radius of the bubble.
From this expression it can be seen that for a given
temperature difference is proportional to r*.
P
The group Cf may therefore represent the bubble 
P.D
diameter divided;by.tiibe.diameter.
7. (l)(ii)(iv) Final form of the Dimensionless ecruatiorL.
From the considerations of section 7(i)(ii)(iii)9 the 
final from of the equation is :
7. (ii) Pressure Loss of a two-phase mixture
(i) General
The study of pressure loss for the flow of a two-phase 
mixture is important in natural circulation systems, as it 
must he known when calculating the circulation velocity for 
a given pressure head (submergence).
Basically two methods are available for the prediction 
of two phase pressure loss.
(a) The first method assumes an homogenous flow model 
where the mixture is regarded as a pseudo-single 
phase having properties derived from both liquid 
and vapour phases. A pressure balance is then 
written of the Benoulli type, viz.
> W  = a P + /\P + A p ^ TP e f --a
where --P o AP- and are the
© I »
elevation, friction and acceleration components 
of the total pressure loss ( & P Tp)«
The difficulty with this treatment is that the 
value of friction factor used in the term
is not accurately known and the relative velocity 
between the phases is ignored..
O w e n s d e r i v e d  an expression for the two- 
phase pressure loss assuming a friction factor 
equal to that for all liquid flow. This ignores 
bubble growth on the tube wall which is likely to
-73
have an effect on the wall shear stress. Other
friction factors 2 to 3 times that for all liquid 
flow.
employed a trial and error procedure to calculate 
a recirculation rate giving a total pressure loss 
equal to that available.
(h) The second method relates the frictional component
of the tv/o-phase pressure loss to that pressure
loss which would occur if a single phase were
flowing alone in the tube. This relative
pressure loss is then related to the other system
variables (mass flows of liquid and vapour etc.)
One of the most widely used of this type of
approach is that developed by Martinelli and
Nelson^^ (from work by Martinelli et al^^.y
\
The relative pressure loss !€&/ \ . . .
workers (63?6l|) j,n facf found two-phase
The method proposed by Owens is similar to 
(57)that of Kern' . With the same assumptions he
A
l /7 rp *D -P
is related to a parameter which is a function 
of the relative Mass flows, Densities and
viscosities of the vapour and liquid phases.
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The fraction of the tube occupied by the vapour
phase is also related to this parameter.
The work of Martinelli and Nelson has been
applied to the design of Thermosyphon Reboilers
by Johns on and Fair^^*
(53)Wallis' used a horizontal system and simulated 
boiling by injecting air into the water stream 
through porous walled tubes. He obtained a 
correlation for the friction and acceleration 
pressure losses of the type
„ = A P OTn + A P tf.a. " ‘SPl ' u ‘S.P.l " i f  j
Where p p was 'fche pressure loss for all
liquid flow calculated from the Blasius equation.
<fi was the Air flux
and W was the water flowrate.
Hughmark^^ presented a method of obtaining
two-phase pressure losses in vertical reboilers
from a mechanical energy balance derived by 
(59)Lamb and Yfhite' for gas-liquid flow. The 
friction and acceleration components of the 
total two-phase pressure loss virere obtained 
from a modification of the method of Martinelli 
and Nelson. The pressure loss due to elevation 
was obtained assuming no relative velocity 
between the phases. The pressure loss for
l-4> \
various lengths of reboiler tube were calculated 
and these integrated to give the total pressure 
loss for the two—phase region.
Many more correlations for pressure loss are available, 
but most of them were obtained at high pressures and mass 
velocities, and therefore, are not applicable to the present 
work.
From the brief survey given above, it can be seen that 
there are no entirely satisfactory methods available for 
the prediction of two phase pressure losses in the system 
under investigation. The one most widely used, due to 
Martinelli and Nelson, was obtained from original work on 
air/water mixtures, and is strictly applicable only to 
horizontal flow. Many methods assume no relative velocity 
between phases (termed TslipT). This assumption may lead 
to serious erx*ors, as in natural circulation systems (where 
mass velocities arc low) the elevation pressure loss may 
be an important consideration.
(ii) Density of a two-phase mixture without slip 
Assuming no slip, the density at any point along the 
tube length will be given-by:
where !x! is the quality.
The average density over length L will he given hy
P — .L ! p 1
TPav L ktpqj-*
o
This expression may he integrated directly if the 
variation in heat flux with tube length is known. Prom 
the results of this research? heat flux showed an almost 
linear variation with tuhe length and so the expression 
approximates to:
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(ill) Density of a two-phase mixture with slip
For any position along the tube, if the vapour has a
velocity of V and occupies a cross sectional area A , then
g
using subscripts 1 and 2 to denote the cases of no slip 
and slip respectively*
V, A .  = V A 2 = G 7 (ii) (iii) 1o o o
where G is the volume flowrate of vapour.
If F is the fraction of the area occupied by vapour
o
A \and R_ that by liquid then g1 = R , and " g2 = R n1 g1 -a- g
where A is the cross-sectional area of the tube.
From equation 7 (ii) (iii) 1 •
~  Rg2
G
gl
Gg = and g
^ A v2a
JEi ==
—  "v= JS.
Rg2 V1
7 (ii) (iii) 2
where X is the slip ratio
Eg2 + R12 “ 1
and Pg-^ g2 p1^12 — PTP2 (ii) (iii) 3
where PTp2 is density assuming slip.
From 7 (ii) (iii) 3? PgRg2 + pl^1 ~ Hg2^ = PTP2
P1 _ Hg2^pl ~ pg^ = PTP2or
Similarly it may "be shorn that;
P1 “ Rg1 W  ~ Pg^ = PTP1 7 (ijL^  5
where pTp  ^ is the density with no slip.
Therefore from 7 (ii).(iii) k and 7 (ii) (iii) 5s
X. p.^ — ■^"Pyp2 ~ PTP1
Hence pTp2 = p1 ~ ~ (pp —  PTP1)
The average density of the mixture for the whole tube 
may he obtained if the variation in slip is known along the 
tube length. As little is known of this problem, it will 
be assumed that the slip is constant, and thus the expression 
for the average density of the mixture with slip will be
pTPav.2 = P1 ~ x (pl pTPav.i^ 7 t111) 6
where PTPav -j may be obtained from section 7 (ii) (ii)»
This derivation is based on the definition of a slip 
ratio X. It is also possible to obtain an expression for 
the two-phase density in terms of a relative slip velocity 
(V^ - V^i ). However this method yields a much more 
complicated expression than that obtained (7 (ii) (iii) 6) 
and as it has no obvious advantages it will not be used.
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(iv) Correlation of Pressure Loss Data
It can be seen from equation 7 (ii) (iii) 6 that even
for low values of slip ratio, Pppav p 'be considerably
greater than Pippav  ^ T^e elevation pressure loss will
therefore be correspondingly greater than that calculated
assuming no slip*
As a first approach therefore, assuming that the
elevation pressure loss is the major contributing factor to
the total two-phase pressure loss, equation 7 (ii) (iii) 6
A p■was utilised and - TP was plotted versus
A l
(p^ - Pqpav 1^* However no correlation was obtained and 
this could be due to two reasons*
1) Slip ratio may vary with quality*
2) The frictional and acceleration components 
of pressure loss are not negligible.
(Wallisv J correlated his results for friction and 
acceleration pressure losses (horizontal system) by the 
expression
" PTP = '~1PSP1 + ^ PSP 1 * f i^wj 
and J a c o b h i s  by
A P Tp = Aipspi + ^ PSP 1 f W  
It was thought that an expression of this type may be 
used to correlate the data from the present work viz.
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where f(x) may allow for variation in slip.
When a log-1 og plot of A P ^ /  - PTp8V  ^ versus
7A L
^ PspiA l.
x was drawn (Fig 1/+) the data from each tuhe was represented 
hy a separate line although these had the same slope (1 .1).
It was found that there was a linear relation "between 
the intercepts in Fig.lh and tuhe diameter. This relation 
is shown in Pig.15.
The data from all three tubes could thus he represented 
hy a single equation viz.
■^pw /  ~ pTP.av.1
A l_____________ = log~Q (0.74D + 2.5) x1,1
A p  /
SP1 /
L
where tuhe diameter D is in inches. This relation is 
shown in Pig.l6.
Tables of experimental and calculated results are 
given at the hack of the thesis together with those 
calculated from the correlations of other workers.
Results are presented graphically in Pigs. 1Lj. - 30.
8(ii) Determination of the Constants in the Dimensionless 
Equation (Section 7(i)_
A computer programme was written so that the constants 
in the equation would he obtained hy the method of "least . 
squares"* This utilised data from all three tubes. The 
programme is shown at the hack of the thesis.
In some of the runs suhcooled boiling occured in the 
lower part of the tuhe. This was inferred from the axial 
temperature distribution. As the correlation is intended 
for use with hulk boiling conditions, only the data from 
the part of the tuhe where this took place was used.
In the present work only one liquid (distilled water)
was used, and so there was virtually no variation in the
Prandtl group. For this reason, it was decided that the
exponent on this group should he obtained from the work
of another Author, who had investigated a range of liquids
and presented a correlation similar to that in the present
( 1 9 ) ’work. The results of Pirit and Isbinv 7 were utilised for 
these reasons. The Authors found an exponent on the Prandtl 
group of 0.6.
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The vesnxte or the least squax'ee oaleuiation is shown 
in'Fig» 17 as the’experimental Nusselt group versus that 
calculated. The equation obtained is:
The equation correlates 90% of the data to within i 
30$ and 72$ - 20%.
8(iii) Design Equation
From Fig. 17 it can he seen that there are three groups 
of points which lie well outside the correlation, A,B, and 
C ,
Group A contains runs from the h" tuhe where the 
experimental Nusselt Number is much greater than that 
calculated. These runs were at low inlet velocities 
( 0.1ft/sec) where it is expected that Nucleate•boiling 
played a dominant role. It is felt that these runs may 
be ignored in further calculations as they were obtained 
for extreme conditions.
Group B contains runs from the i11 tube, where, because 
of the low value of film temperature difference (and 
consequently of heat flux), measurement errors may have 
seriously influenced the measured value of heat transfer 
coefficient. These runs were therefore excluded.
Group C contains three runs from the U" tube where, 
because of reasons given in the discussion section (9 )
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the value of the heat transfer coefficient in the lower 
part of the tube was extremely low. These runs were 
therefore also excluded, )
Because of these considerations 5 runs from the 
Un tube and 3 from the were excluded and the remaining 
results were used to obtain new values of the constants 
in the dimensionless equation.
The final form of the equation is:
This correlated 95% of the selected data to within
i 30% and 81% to within - 20%, The correlation is shown 
in i'ig, 18. as experimental Nusselt groups versus those 
calculated from the equation.
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9 Discussion
9 (i) Heat Transfer 
9(1) (iO General
Graphs are presented of heat transfer coefficient, 
tube axis and tube wall temperatures versus lengths 
An fX f marked on a curve indicates where the maximum stream 
temperature occurs, this "being assumed to "be the point 
at which "bulk "boiling "begins.
Pigs (19-23). give typical heat transfer coefficient 
profiles, and it may "be seen that a point of inflexion
. 738*28)occurs. This is generally accepted as hemg a
point ( or part of the tube.) at which a change in flow 
regime takes place, from a nucleate "boiling region 
("bubbly flowi) to one of forced convection (Annular flow) 
possibly through an unstable transition region (slug flow).
is due to the suppression (or partial suppression) of
nucleate boiling because of the effect of a vapour induced
increase in velocity.
The distance between the maxima and minima in the
heat transfer coefficient profiles is generally shorter
for the and 1+” tubes «, This may be explained if this
•distance is indicative of the length of a transition..
region. The experiments conducted on the tube were
generally at higher qualities than those for the larger
ones, thus the increase in velocity would be greater and
the change from one dominant flow regime to another 
correspondingly quicker. For as large a tube diameter as
that the change in regime
Fig^f. W o o k  TrQnste r  Coefficient vr. Ls-^gtk
I UC>ki
31 | |!(9oo
3% I q; 9 00
— (^b—
i4-tf, it is difficult to envisage,, from a purely mechanical 
viewpoint, a slug flow regime occuring for very long, if 
at a11 .
These points are further substantiated by the fact 
that for some higher quality runs with the tube, and 
some runs at higher mass flowrates with the i+n tube no 
point of inflexion occured. (e.g. fig. 26, fig. 2b) •
The explanation given above agrees with the work of 
(32)Govier and Shortw  , on the vertical flow of air-water 
mixtures. It was found that at higher water velocities 
and larger tube diameters the slug-flow regime occuring 
between bubble and froth flow became smaller and actually 
disappeared for some conditions.
Pig. 2b shows heat transfer coefficient profiles 
for the tube at high heat fluxes where for three of the 
runs, a sharp decrease in the coefficient occurs 
in the upper part of the tube. The wall temperature 
profile (fig.25) shows a corresponding increase. . This is 
most probably due to dry wall conditions occuring or to the 
existence of a mist or fog flow regime. The decrease in
the coefficient occurs at qualities between O.U and 0.7.\
Two of the runs (31 & 32) do not exhibit this type of 
heat transfer coefficient profile, although the qualities 
are within this range. This apparent discrepancy indicates 
that further work is required at these extreme conditions.
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Fig, 26 shows heat transfer coefficient profiles for 
the Un tube at a jacket steam pressure of 15 p,s.i0g e 
A sharp decrease in the coefficient occurs after the 
start of "bulk boiling. This phenomenon only occurred 
with runs on the bn tube. The decrease is greatest for 
lower inlet Reynolds numbers. It may be due to a form of 
vapour binding occuring when the increase in velocity due 
to vapour generation is not great enough to sweep the 
bubbles from the tube wall sufficiently rapidly. However 
this is only supposition and future work, perhaps of a 
visual nature, is necessary to clarify the problem. The 
corresponding wall and axial stream temperatures are given 
in fig. 27* The stream temperature was measured in the 
centre of the tube and its rapid rise when bulk boiling 
begins would indicate the previous existence of a large 
radial temperature gradient (of the order of 5°F).
This sudden rise in stream temperature was only observed 
in runs with the k" tube.
Fig. 28 shows heat transfer coefficient, wall and 
axial stream temperature profiles for run 6 from the b" 
tube, where the inlet velocity was very low (0 .0 7 ft/sec). 
The small variation in the coefficient with length indicates 
that at these very low velocities one stable flow regime 
exists or that the change from one to another is more 
gradual.
9(i)(ii) Heat Transfer Mechanisms
In the preceding section it was suggested that in an
evaporator tube two primary heat transfer mechanisms exist.
In the lower part of the tube Nucleate Boiling occurs and
as the mixture velocity increases, due to vapour generation,
convective heat transfer increases lowering the effective
film temperature difference and gradually suppressing bubble
nucleation. After nucleation is suppressed the mechanism
"becomes one of forced convection vapourization. It has also 
("58 ^"been suggested^ ' that the suppression of nucleate "boiling 
is influenced "by the increasing velocity of the liquid film.
direct interactions "between the major heat transfer 
parameters in-an'evaporator tube may "be illustrated "by the 
block diagram below.
Increasing film temperature difference (/IT) increases, 
the heat-flux (Q) and thus the mixture velocity (V) leading 
to an increase in the convective heat transfer coefficient.. 
Increasing (&T) will also increase the number of nucleation 
sites and the growth rate of bubbles leading to greater 
turbulence in the laminar layer and tending to an increase 
in the heat transfer coefficient in the Nucleate boiling ! 
region. However, vapour binding can reduce the coefficient.
tar— ivj
Bubble ' ~p-H hj (JLi
Nucleation
V - mixture velocity
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Fig. 22 shows runs from the 2** tube at a constant mass 
velocity and it can he seen that the heat transfer 
coefficient increases with increasing jacket steam pressure 
(he.AT). It would he expected that increasing heat flux 
should decrease the length of the Nucleate Boiling region 
although this is not apparent from the experimental results.
Increasing mass velocity should increase the heat 
transfer, coefficient in the forced convection region although 
for a region of nucleate hoiling the mass velocity should 
have little effect^^. The heat transfer coefficient 
profiles at constant jacket steam pressures show that 
generally higher coefficients were obtained in the upper part 
of the tuhe for higher mass velocities * indicating a region 
of forced convection. In the lower part of the tuhe, 
however, this was not generally the case, and for some runs 
the situation was reversed. This effect may he due to the 
fact that increasing mass velocity increases the system 
pressure leading to a reduction in the temperature driving 
force for a particular jacket steam pressure.
QfiUiii) Correlating equation
The final form of the dimensionless equation obtained
in section 7 (i) is:-
k'TP”? ‘ ~ °- 
Ki
data
This was obtained by utilising from three tube diameters 
and boiling lengths from to 9 feet.
-1 02+-
Experimental Nusselt numbers are plotted versus those 
calculated from this equation in Fig. 18* 81% of the data
was correlated to within -20% and 95% to within -30%,
96% of the data from the 2!t tube was correlated to within
£20%. The reason for the better fit with this tube could
be that the experimental work was the last to be carried out 
and it is likely that experimental technique was better for 
this tube,
It is worth noting that communication with two large 
evaporator manufacturers revealed the normal diameter of 
tubes used in their.evaporators to be 2n
It is possible from the equation to predict the effects 
of the variables studied, on the heat transfer coefficient.
1) Mass flowrate
Its effect would appear to be slight, as for a 
particular system and heat flux h a pn the
preceding section it was shown that the effect of mass
velocity in the upper part of the tube was positive and in
the lower part it had little effect and in some cases was 
negative. This could explain the small exponent on G.
2) Heat flux
For a particular system and inlet velocity, h a 
From the discussion in the preceding section a positive
exponent should be expected.
(23)Goulson and McNally'- 7 found an exponent on their 
Vapour Reynolds number (calculated directly from the heat 
flux) of 0.3U which is in agreement with the present work.
-105-
( 2g
Dengler and Addoms obtained a relation of the
type hTp a (l_ ) 
X^tt'
0,5
The parameter( 1 ) is proportional to vapour 
(Xtt^
flowrate raised to an exponent of 0.9 thus h_Tp would 
be proportional to This is comparable with the
present work.
(25)Guerrieri and Taltyv f obtained a similar relation 
to that of Dengler and Addoms viz.
h a ( 1 TP \T ~  I
3) Tube diameter.
For a particular inlet velocity and heat flux, the
-0 63heat transfer coefficient will be proportional to D 
Halving the tube diameter would thus multiply the
coefficient by 1 .UU*
(23)Coulson and McNelly using various tube 
diameters between and 1", presented a correlation 
of their results which gives for a constant heat flux and 
inlet velocity
h a 1^3^,39D„.
TP .11
The variation of h^p with D therefore depends upon 
the actual values of diameter. However, changing the 
tube diameter from 1” to (This being within the range 
investigated) multiplies the heat transfer coefficient 
by 1 .U2 and this compares well with the present work.
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9(i)(iv) Comparison of results
Pig 29 shows a comparison of* existing heat transfer
correlations, This was obtained hy taking five typical runs
from the 2n tube and calculating heat transfer coefficients
by the various proposed methods. Details of the calculations
are given in the appendix.
It can be seen that most of these methods produce
values of heat transfer coefficient lower than those
measured. The one which compares most favourably is that
(23)due to Coulson and McNelly
The correlation of McNelly(^U) was developed for
pool boiling and predicts.values of the coefficient much
(28 ^
higher than those measured. That of Dengler and Addoms'- 
is stated to apply for values of the Martinelli parameter 
( 1 ) between 0,25 and 7 0, and although the runs chosen
P t '
satisfied this condition, the values predicted are low. 
However, the Authors point out that for some of their runs, 
where it was considered nucleate boiling occured, values of 
heat transfer coefficient were measured between 2 and 3 times 
greater than normal. This would explain the discrepancy as 
it is thought that a region of Nucleate Boiling occured in the 
runs used in the comparison. This would also apply to the 
work of Che n ^ ^  , Anderson et a l ^ ^  also report that the . 
results of Dengler and Addoms fell well below the curve 
correlating their own work.
The reasons for the differences between the present
work and that of Pirit and Isbin^^, Nagel and 
(23)Kirschbaunn ' are not apparent.
9(ii) Pressure Loss 
9 (ii)(i) Correlating equation
The equation obtained in section 7(ii) for the 
prediction of two-phase pressure losses in natural 
circulation systems is :
PTPav .1
log10"1 (0.7UI+2.5) x1,1A l
APSP. f
A l
where D is the tube diameter in inches and x is the 
outlet quality (lbs vapour/lb mixture). The constants 
were obtained utilising data from three tube diameters and 
boiling lengths from 3 to 9 ft. The relation is shown 
in fig. 16. For a given inlet velocity and exit quality 
it predicts increasing pressure loss with increasing tube 
diameter.
The equation is semi-empirical, but without further 
information on hold-up and two-phase friction factors for 
natural circulation systems with net vapour generation, this 
is unavoidable.
9(ii)(ii) Comparison of Pressure Loss Results.
Using five typical runs from each of the three tube diameters 
pressure losses were calculated according to the method of
5 O' Co** {>& 0.J- . rtes^o/5- ,Ls>^ s
| W~. —  - •*- 'w''-
. jfOM. f^j ^ tc* C & * §  . toifi* jL \f*xLtj&$. ;"
QaXcuX cJlq_.cI, b vj ! Co r  f  oa  .■ c>
Hqrfc^^Xtt 4       /
..■>■■.   I-_____ I_____L-__L.__
/o Oo So Ifo . 50 , £>0 70 $0
CaLcuLabzct f^s6ur£ .^o<s ^ ps-h j Afc. j
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(52 )
Martinelli and Nelsonf . Their work was used, as
(51i 55 61 )it is that most widely applied at presentWH,^ ?
The results of the calculations are shown in Fig 30 
as predicted versus measured pressure losses. It can 
he seen that the predicted values are lower than those 
measured (up to 75%)
It should he pointed out, that Martinelli and 
Nelson state that strictly their correlations only 
apply to horizontal systems. They also postulate the 
validity of extrapolating data from gas/liquid systems to 
those with net-vapour generation. For vertical-systems, 
the slip ratio is likely to he greater than that for 
horizontal ones thus increasing the liquid hold-up and 
consequently the elevation pressure loss. Bubble 
growth on the tube wralls might possibly have a 
roughening effect, increasing the frictional pressure 
loss. These considerations could explain why predicted 
values are lower than those measured.
Dukler et a l ^  ^ found that the correlation of 
Lockart and Martinelli^^ (upon, which that of Martinelli
/  j r o  \
and Nelson^ ' is based) showed the greatest deviation, 
for lower pressures and increasing tube diameters.
For runs with the Ut! diameter tube, where the inlet 
velocities were low (4.0,5 ft/sec) friction and 
acceleration pressure losses calculated from Martinelli 
and Nelson were found to be negligible compared with
the elevation pressure loss . This was postulated in 
section 7(ii) although use of the equation for two-phase 
density with slip failed to correlate the data. This 
was thought to "be due to the variation of slip ratio 
with exit quality. However, rewriting the equation as
again failed to give a correlation.
It is evident that a more fundamental study of two-phase 
pressure loss in vertical systems with net-vapour generation 
is necessary. (see Section 11.)
Before the equations given in sections 9(i)(iii) and 
9(ii)(i) may he utilised for the prediction of heat transfer 
rates in natural circulation systems, it is necessary to 
establish the point at which hulk hoiling begins in the 
tubes. Consider
1) The case of a liquid being heated as it flows through 
a tube
TPav.1
&L
e of the Heat Transfer and Pressure Loss Equations.
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Ref erring to the above figure: 
Heat flow in length dx 
= qft„D,dx
= h xD ( T -T) dx .1 o *
Heat received by liquid in length dx 
= M Cp.dT 
(where M = mass flow lbs/hr)
/, M.Cp.dT = h1xD(TQ~T)dx
dT = h ,x.D. ,
' ' t1 —T1 J- ex
O M.Cp
t T| AT = k.x where k = h-^*D,x,
- T1 To-T M.Cp.
T -Tm  o,1 = kx
2) The pressure distribution along the tube length.
For the case of a liquid flowing vertically up a
«
tube with velocity and inlet pressure the pressure 
P after a length L will be given by
P = P1 - 2fl- Vl2 Pl L/g.D. - Pl-L -
= P1 - P-^(2fx \ 2/g'D + 1) 9(iii)2.
If the inlet velocity and pressure are known then a
temperature profile may be plotted from equation 9(iii) 1
- 1 1 3-
and on the same figure a saturation, temperature (corresponding 
to ?P*) profile. The point at which the two meet should he 
where hulk hoiling begins. In fact if a standard connection 
equation is used for h^ in 9(iii)l* this procedure will 
predict non-boiling regions longer than obtained in practice, 
as subcooled boiling will occur before the point of 
maximum stream temperature. Therefore, if subcooled boiling 
data is not used, an element of overdesign will be introduced 
by using equations 9(iii)l and 9(iii)2* ( It should also
be pointed out that the slope of the single phase pressure 
profile will also probably change in a subcooled boiling 
region*)
A trial and error procedure may now be adopted using 
the derived two-phase heat transfer and pressure loss 
equations together with 9(iii)"l and 9(iii)2, to determine 
the heat transfer rate for the system under consideration.
A possible method is outlined below,
1) Estimate the heat transfer surface for a 
design heat flux, based on an assumed overall heat transfer 
coefficient and temperature difference.
2) Choose the geometry and number of tubes 
in accordance with 1)
3) Estimate the circulation velocity (the results 
of this research may serve as a guide)
1+) Calculate the length of the non-boiling region 
from 9(iii)l and 9(iii)2.
-nu-
5 ) Write a pressure balance around the circuit 
utilising the given pressure loss equation for the two-phase 
region.
6) If the pressure losses are not balanced by 
the available pressure head 3)? until this condition 
is satisfied.
7) Knowing the circulation velocity, calculate 
the average tube side heat transfer coefficient using the 
given equation for the two-phase region.
8) Calculate the overall heat transfer coefficient.
9) Estimate the overall temperature difference 
(This may be calculated from the axial stream temperature 
profile obtained from 9(iii)l and the two-phase pressure 
profile assuming saturated flow)
10) Calculate the heat flux. If this is 
significantly different from that assumed 1), and 
recalculate for new estimate.
10 SUMMARY AND CONCLUSIONS
A literature survey revealed the need for an investi-? 
gation into the problem of predicting heat transfer rates 
in natural'circulation systems, especially with regard to 
tube geometryo It was also apparent from the survey that 
local values of boiling side heat transfer coefficient 
should be measured.
An industrial size, single tube, natural circulation, 
steam heated, evaporator was constructed, provision being 
made for the use of various tube diameters covering an 
industrial range.
The tubes were divided into six sections and the heat 
flux determined separately for each. Tube wall and axial 
stream temperatures were measured at 18 positions along 
the tube length. Prom these and a knowledge of the local 
heat fluxes, values of the boiling side heat transfer 
coefficient were obtained for each section, using a range 
of flowrates and heat fluxes.
Because of the complexity of the problem, dimensional 
analysis was used to correlate the heat transfer results. 
The data used was obtained from three tube diameters (in, 
2,? and h,f) and boiling lengths from 1| to 9 feet. The 
equation obtained was,
1
- 1 1 6 -
81% of the data was correlated to within - 20% and 
95% within i 30%. Because only distilled water was used 
as the feed* the exponent on the Prandtl group was obtained 
from the work of Pirit and Isbin^-^ .
Prom selected runs, heat transfer coefficients were 
calculated according to methods proposed by various workers, 
and compared with the measured values. In general predicted
values fell well below those measured. The correlation
giving the best comparison.was that due to Coulson and 
McTTelly^2 .
An equation was also produced to enable pressure 
losses to be calculated in two-phase regions, viz.
T5/  - pTPav.1
 --------,—  = logf (0.74 D + 2.5) x1,1
SP.l/
The constants in the equation were obtained using data 
from three tube diameters and boiling lengths from 3 to 9 
feet.
The pressure loss results were compared with values
calculated according to the method of Martinelli and 
(52)Nelsonw  . Predicted values were lower than those 
measured.
Using the pressure loss and heat transfer equations, 
a design procedure was suggested for natural circulation 
systems.
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11• FUTURE WORK
The work reported in this Thesis is of an introductory 
nature and a number of points arise regarding further 
research.
Several possible flow regimes can exist in evaporator 
tubes. Their prediction is an important consideration* as 
the heat and momentum transfer mechanisms will be different 
in each.
Distilled water was used as the feed throughout the 
present work and so in any further study various liquids 
should be used having a range of physical properties.
It is also thought possible to divide the evaporator 
tube into a greater number of sections so that more accurate 
heat transfer coefficient profiles may be constructed.
Provision was made in the design of the apparatus so 
that tubes of internal diameter 1,f and 3" could be used* 
and these should be included in any new experimental 
programme.
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1 Heat Transfer Results Tube (Section *a! Bott<
RUN No. - Sect.No.
Heat Flux Btu/hrxl0~3
Tem.Diff. °F
Axial Temp.°F 'ahove 212
htc Btu/ft2hr.°Fx1 0“3 
Mass Flow lhs/hr
RUN No. - Sect. No.
Heat Flux Btu/hrx10~3  
Temp.Diff. °F 
Axial Temp.°F ahove 212 
Htc Btu/ft2 hr °Fx10~3 
Mass Flow lhs/hr
RUN NO. - Sect.No.
Heat Flux Btu/hrx1 0” 3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr °Fx10“3 
Mass Flow lhs/hr
RUN NO. - Sect. No.
Heat Flux Btu/hrx10“3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr °Fx1 0“3 
Mass Flow lhs/hr 
RUN NO. - Sect.No.
Heat Flux Btu/hrx10“3 
Temp.Diff. °F 
Axial Temp£0F ahove 212 
htc Btu/ft hr °Fx1 0~3 
Mass Flow lhs/hr
RUN NO. Sect.No.
Heat Flux Btu/hrx10“ 3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr oFx10-3 
Mass Flow lhs/hr
RUN NO. - Sect.No.
Heat Flux Btu/hrx1 0~3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft^ hr °Fx1 0“3 
Mass Flow lhs/hr
9-a ' -h -c -d -e
2.1+9 1+.27 I+.12 1+.93 8.20
1+.00 2.70 1+.00 1+.60 80
1+90 1+90 1+90 1+90 1+90
18-a -h -c -d -e
2 .1+1 3.29 1,50 1+ .87 7.98
6 .1 0 5.30 6 .30 6.60 6.70
19.9 2 0 .1 19.5 1 7 .8 15.9
2 .0 0 3 .1 5 1 .2 1 3 .71+ 6.05
1+20 1+20 1+20 1+20 1+20
21-a -h -c -d -e
3.1+6 1+.61+ 3.62 6.71+ 9.32
8 .1 0 8 .2 0 8.5 0 8 .2 0 8.80
21.5-22.3 2 1 .0 19.6 17.2
2.17 2.87 2.16 1+..17 3.38 
370 370 370 370 370
21+-a -h -c -d -e
3.59 6 .1+1 8.11+ 8.29 13.2
9 .2 0 7 .7 0 8.6 0 8 .7 0 8 .5 0
25.5 27.1+ 25.9 21+.2 '21.7
1.98 1+.23 l+»80 1+.81+ 7.87
1+10 1+10 1+10 1+10 1+10
27-a -h -c -d -e
5.10 6.16 6.26 9 .6 7 13*8
10.3 10.3 H.2 11.5 1 2 .0
23.1+ 2 3.I 2 1 .6 19.9 17.1
2.52 3.01+ 2.81+ 1+.27 5.71+
270 270 270 270 270
32-a -h -c -d -e
l+o 71 7.38 10.5 12.2 16.6
19.1+ 18.1 17.8 17.3 17.7
21+.7 21+.8 23.7 21.5 17.9
1.23 2.13 2.99 3.35 1+.77
210 210 210 210 210
35-a -h -c -d -e
9.3U 13.1+ 18.9 18.7 10.6
21.1+ 19.1+ 18.1 21.1+ 28.6
21+.1 2 2 .8 2 1 .2 I7 . 9 11+.3
2.21 3.50 5 »30 1+.1+1+ 1.88
320 320 320 320 320
-f 12-a -h -e -d
10.0 2.56 1.79 1.71 7.97 8
6.20 5.30 3.80 1+.70 1+.90 5
11.8 1908 20.3 19.7 18.1 V
8.23 2.65 2.39 1.85 8.26 8'
1+90 500 500 500 . 500 5(
-f 19-a -h -c -d
10.1+ 2.71+ 1+.52 1 .3 0 8.02 1(
8.30 7.60 7.60 8.00 7.80 8
1 2 .5 19.8 20.0 18.9 1 7 .7 r
6.38 1.83 3.02 8.20 5.22 6
1+20 310 310 310 310 3‘-
-f 22-a -h -c -d
1 3 .8 2.57 3.23 1+.36 6.78 1(
1 0 .6 7 .0 0 5 .6 0 6.1+0 6 .9 0 6
13.1+ 21.9 25.0 23.5 21.8 1<
6 .6 1 1.86 2.93 3.1+6 1+.99 7
370 1+60 1+60 1+60 1+60 l+(
-f 25-a -h -c -d
17.5 3.70 7.55 5o59 10.6 11
11.5 1 0 .6 9 .2 0 1 0 .1 1 0 .0 1(
15.5 21+.5 25.9 21+.2 2 3 .2 2(
7.22 1.77 1+.17 2.81 5.37 7
1+10 31+0 31+0 31+0 31+0 31
-f 28-a -h -c -d
17.3 1+.32 7.78 8.52 10,5 1'
13.1 12.2 12.3 13-6 12.7 1'
1 3 .0 21.8 21.7 20.1 19.1+ li
6.71 1.80 3*21 3.18 1+.20 5
270 210 210 210 210 2:
-f 33-a -h -c -d
21+.9 6.25 1 3 .8 1 3.6 .1 9 .6 3c
1 9 .2 22.6 20.5 17,3 17.9 21
1 3 .6 2 3 .6 22.9 23.1 20.3 It
6.58 1 .1+0 3.1+2 1+.00 5 .5 5 7;
210 11+0 11+0 11+0 11+0 11
-f
5.7
36.1
11.3 
0.80 
320
2 . Heat Transfer Results 2W Tube
Run No, - Sect. Ho. * 
Heat Flux Btu/hr x10 
Temp. Diff. °F 
Axial Temp. °F above 212 
htc Btu/ft2hr°F x1 0”  ^
Mass Flow lhs/hr x 10 
Run No. - Sect. No.  ^
Heat Flux Btu/hr x 10 
Temp. Diff. °F 
Axial Temp °F ahove 212 
htc Btu/ft2hr°F x 10“  ^
Mass Flow lhs/hr x 10 
Run No. - Sect. No. , 
Heat Flux Btu/hr x 10 
Temp.Diff,°F 
Axial Temp°F ahove 212 
htc Btu/ft2 hr°p x 10“f 
Mass Flow lhs/hr x 10 
Run No. - Sect. No. _~ 
Heat Flux Btu/hr x 10 
Temp. Diff.°F 
Axial Temp,°F ahove 212 
htc Btu/ft2hr°F x 1 0 
Mass Flow lhs/hr x 10 
Run No. - Sect. No.  ^
Heat Flux Btu/hr x 10 
Temp.Diff.°F 
Axial Temp.°F above 212 
htc Btu/ft2 hr°F x 10"5 
Mass Flow lhs/hr x 10”-^ 
Run No. - Sect. No,
Heat Flux Btu/hr x 10 
Temp. Diff°F 
Axial Temp°F ahove 212 
htc Btu/ft2hr°F x 10”  ^
Mass Flow lhs/hr x 10"^ 
Run No. - Sect. No.
Heat Flux Btu/hr x 10 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr°F c 1 0”3 
Mass Flow lhs/hr x 10“^
I -a -b -c -d -e -f 2-a -h -c -d
10 .2 IL4-.6 18.9 20.1+ 22.7 26.5 8 .76 9.29 11+.7 1 7 .0 22
11+.1 10 .6 10.7 12.9 1 3 .0 12.7 17 .2 16.2 11 .9 12.5 12
8.1 11 .2 10.8 9.7 9 .2 8.5 3.1+ 1+.3 8.7 8.5 7
0 .92 1 .75 2 .21+ 2 .00 2.21 2.64 0.640.73 1 .56 1 .72 2 .
3.27.3.27.-3.27 3.27 3.27 3.27 3.88 3.88 3.88 3.88 3. 
l+-a -h -c -d -e -f 5-a -h -c -d
I I  .6 1 7 .0 18.7 20.9 22 .6 21+. 1+ 20.1 21+.7 26.3 29.5 32
13.1 1 0 .6 11 .2 15.1 13.1 12.3 13.5 11+.9 17.6 19.7 1I|
5 .8  8 .9 7 .6 6.1+-6 .2 6 .0 5.5 5.7 .1+.0 5.1 5
1 .12 2.03 2 .12 1 .75 2.19 2.51 1 .89 2 .10 1 .89 1 .90 2 .
2 .1+9 2.1+9 2 .1+9 2 .1+9 2.49 2.1+9 2.91 2.91 2.91 2.91 2.
7-a -h -c -d -e -f 8-a -h -c -d ■ -
29 .6  33.9 32.9 37.3 41 .7 10+.0 23.2 29.9 31 .2 33.7 35
18.8 15.0 17.0 18.5 17.1 16.0 20.5 11+.9 11+.8 18.8 16
7.5 9.9 9 .2 8.5 8 .2 7.7 . 5 .2 10 .7 10 .7 9.7 8
1 .99 2 .86 2 .1+5 2.55 3.09 3.48 1.1+3 2.51+ 2 .67 2.27 3.
3.27 3.27 3.27 3.27-3.27 3.27 5.01 5.01 5.01 5.01 5 ,
10-a -h -c -d -e -f 11 -a -h -c -d
1 0.1+ 11+.1 11 .1+ 1 3 .9 20.3 20.5 15.9 15.5 18.7 23 .6 26
11.9 12.1 10.9 11.2 9.9-10.8 16.3 17.1+ 11+.0 16.7 1"
6.1 6 .9 8 .2 10 .2 8 .8 7.5 5.9 6 .8 10.3 10.5 S
1 .10 1 .1+8 1 .33 1 .57 2 .6 0 2 .1+0 1 .23 1 .12 1 .69 1 .79 2 ,
8.50-8.50 8.50 8.50 8.50 8.50 8.50 8.50 8.50 8.50 8 , 
13-a -h -c -d -e -f 1 l+-a -h -c -d
27 .2 25.3 33.9 38.7 1+6 .0 1+7.5 27.5 34 .2 36.3 38.8 41
21+.0 22.2 18.0 21 .8 18.7 18.8 2 3 .0 18.0 17.3 21 .8 1<
5.2 8.0 13.1 12.6 11 .3 10.5 1+.8 9.9 12.0 11 .0 1C
1+1+3 ;1 .14+ 2.39 2.25 3.11 3 .20 1.52 2 .1+1 2.65 2.25 3,
8.17 8.17 8.17 8.17 8.17 8.17 6.29 6.29 6.29 6.29 6
16-a -h -c -d -e -f 1 7-a -h -c -d
21 .9 2 3 .0 28.3 3 0 .2 33.8 39.9 1 2 .2 12.1 18.1 22.3 2(
19.1 16.3 15.7 20.5 15.9 18 .2 1 9 .0 18.1+ 15.6 17.1 1C
5.1 8 .1+ 9.1+ 8.3 7.7 7.1 1+.6 5.7 8 .0 7.9 (
I .1+5 1 .79 2.28 1 .87 2.69 2.77 0.81 0.83 1 .1+7 1 .65 2
6.1+5 6.1+5 6.1+5 6.1+5 6.1+5 6.1+5 5.96 5.96 5.96 5.96 5
19-a -h -c -d -e -f 20-a -h -c -d
1+5.0 50 .6 1+5.5 52 .2 57.5 60 .6 l+i.l+ 33.8 1+2.5 U2.9 1+'
21 .1 18.6 21 .1 23.1 23 .6 21 .9 21+.7 15.5 20.0 22 .0 11
I I  .1 10.8 9.7 9.5 8 .9 8.5 7.512.1+11.711.1 1<
2 .7 0 3 .14+ 2.73 2.86 3 .O8 3 .50 2.12 2.76 2 .69 2.1+7 3
3.1+3 3.1+3 3.1+3 3.1+3 3.43 3.43 4.75 4.75 4.75 4.75 4
2 (Contfd) Heat Transfer Results 2,f Tube (Cont*d)
RUN NO. - Sect J o .
Heat Flux Btu/hrx1 
Temp.Diff. op 
Axial Temp.°P ahove 212 
Htc Btu/ft2 hr opxi0“-3 
Mass Flow lhs/hrxl0~3
RUN NO. - Sect.No.
Heat Flux Btu/hrx10~3 
Temp.Diff. op 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr °Fx10~3 
Mass Flow lhs/hrx1 0~3
22-a -h -c -d -e -f 23-a -h -c -a -€
33.3 33° 3 39° 3 40.4 45.0 51 -4 1 3 .8 11.8 6.21 6 .2 1 20,
2I|..8 19.3 21.0 23*8 19.2 19.4 12,1 11.2 9.6 1 0 .6 9.
8.2 14*0 15.8 14-5 13.7 13°2 6 . 4 7 . 4 8.6 9°3 9.1 .70 2.19 2.37 2.15 2.97 3° 36 1.44 1.33 0.82 0 . 7 4 2 A
8 .46 8 .46 8 .4 6 8 .4 6 8 .46 8 .4 6 9° 47 9°47 9.47 9°47 9°1
25-a -h -c -a -e -f 26-a -h -c -d -€
2-0.7 18.7 21.5 2 2 .2 34.6 4 2 . 4 23.3 21.6 20.6 22.5 38.
21.9 20.9 20.0 1 9 .1 16.9 16.2 26 • 6 25 °9 2 3 .6 2 3 .8 18,
6.7 7.9 9°3 1 2 .5 11.6 10.2 5.8 6.7 9°3 12.6 11.
1.20 1.13 1.36 l«47 2.59 3° 31 1.11 1.05 1.10 1.19 2.5
9.39 9-39 9°39 9°39 9°39 9 °39 9° 39 9° 39 9° 39 9*39 9°:
3. Heat Transfer Results 4" Tuhe
RUN NO. - Sect.No.
Heat Flux Btu/hrxl0“3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr °Fx1 0“3 
Mass Flow lhs/hrx10“*3
RUN NO. - Sect.No.
Heat Flux Btu/hrx10~3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr °Fx10“3 
Mass Flow lhs/hrxl0“3
RUN NO. - Sect.No.
Heat Flux Btu/hrx1 0“3 
Temp.Diff. °F 
Axial Temp.°F ahove 212 
htc Btu/ft2 hr °Fx10“3 
Mass Flow lhs/hrx10~3
RUN NO. - Sect.No.
Heat Flux Btu/hrx1 0~3 
Temp.Diff. °F
Axial Temp,°F ahove 212 2.4 6 . 4  8.8 7°7 7-0 6.8 6.6 9*4 8.2 7°4 7 
htc Btu/ft2 hr °Fx1 0“^ ^ -^2 n Qo i -70 . o n£ o Cl. *. on Cl n -71 n 1-7 0 /
Mass Flow lhs/hrx10~^
2-a! -h -c -d -e -f 3-a -h -c -d
2 2 . 4 29.4 30 .2 32 .2 34° 4 3 6 .4 2 4.I 28.7 31 °o 30 .8
7°6 8.9 9°0 9°3 9°1 8 .6 8 .2 9 °3 9°4 1 0 .6
1 1 .6 1 0 .2 9«3 8.5 8 . 4 9 o2 9 c8 8 .6 7°4 6 .6
1 .8 8 2 .1 0 2.13 2.15 2 e 41 2 .7 0 1.87 1 «97 2 .1 0 1.85
1 .0 2 1 .0 2 1 .0 2 1 .0 2 1 .0 2 1 .0 2 1.29 1.29 1.29 1.29
5-a -h -c -d -e ~f 6-a -h -c -d
37°7 38 c5 38.7 39°1 43°9 43° 8 31 °4 33° 8 42.1 38.4
11.4 1 2 .8 1 3 .8 I4 .I 1 3 .1 15° 3 10.9 1 1 .6 12.9 13°0
1 0 .6 9*5 8 .2 7°4 6.7 6 .1 1 2 .6 11.9 10.7 9°8
2 .1 1 1.78 1 °79 1 °77 2.13 1.82 I . 8 4 1 .8 6 2 .08 1 .8 8
1 °59 1*59 1 °59 1 °59 1 °59 1 °59 1.34 I*34 1°34 1*34
8-a -h -c -d *■© -f 9-a -h -c -d
9 °10 9° 34 19.1 2 6 .6 28.5 34° 3 6.74 5°98 9°87 1 8 .1
1 4 .1 1 4.O 10.7 9.8 10.3 9°8 11.9 1 4.O 13°3 1 0 . 4
3.4 3 .6 6.7 7.1 5*9 4°9 4°9 5 °3 5°7 8 .2
0 .4 1 O .42 1.13 1*73 1 .7 6 2 .2 3 0 .3 6 0.27 0.47 1 .1 1
5°26 5 °26 3 ° 26 3°26 5 °26 5°26 6.37 6.37 6.37 60 37
ll=a -h -c -d -e -f 12-a -h -c -d
2 0 .1 2 1 .8 29 °4 28.2 34° 9 4 2 .2 26.5 3 0 .2 33 0 6 32 04
17 °6 15 ° 6 1 0 .9 15 °8 1 0 .8 1 0 .6 13-1 12.7 12.5 17-6.
. . . . . °
0.73 0.89 1.72 I0I4 2 .0 6 2.54 1.29 1.51 1.71 1.17
5 °88 5 °88 5 °88 5*88 5 °88 5 °88 4°28 4.28 4°28 4.28
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3 (Con’d) Heat Transfer Results 4n Tube con’d
+ l\Tn
-3Run No, - Sect, No, Heat Flux Btu/hr x 10 
Temp .Diff ,°F 
Axial Temp°F ahove 212 
htc Btu/ft2hr°F x 1 0~3 
Mass Flow lhs/hr c
Run No. — Sect. No. 
Heat Flux Btu/hr x 
Temp. Diff.°F
Axial Temp. °F ahove 212 4.7 9.3 8.8
htc Btu/ft hr°F x 10-3  ^ 0.60 0.83 1.08
Mass Flow lhs/hr x
Run No. - Sect. No.
Heat Flux; Btu/hr x 
Temp. Diff. °F 
Axial Temp °F ahove 
htc Btu/ft2 hr°F x 
Mass Flow lhs/hr x
Run No. - Sect. No, 
Heat Flux Btu/hr x 
Temp. Diff.°p 
Axial Temp°F ahove 
htc Btu/ft2 hr°F x 
Mass Flow lhs/hr x
Run No. - Sect. No, 
Heat Flux. Btu/hr x 
Temp. Diff°F 
Axial Temp-°F ahove 
htc Btu/ft2 hr°F x 
Mass Flow lhs/hr x
212
0-3
0-3
0
Run Noe - Sect. No 
Heat Flux Btu/hr x 
Temp. Diff, °F 
Axial Temp^F ahove 212 
htc Btu/hf°ft2 S?R']x 
Mass Flow lhs/hr x
Run No. - Sect. No. 
Heat Flux Btu/hr x 
Temp. Diff °F 
Axial Temp °F ahove 
htc Btu/ft2 hr°F x
Mass Flow lhs/hr x
0-3
0 - 3
1 l+-a -ft -c
5.1+5 6.1+5 9.25
7.2 8.2 5.2
3 .1+ 1+.3 6 .0
0.1+8 0.50 1 .13 
2 .7 2 2.72 2 .7 2  
1 8 -a - f t  -c
1I+.2 16.0 17.3
15.2 12.2 10.2
0-3
0~3
212
0“3
0-3
0-3
0-3
212
0“3
0-3
-3
10-3
0-3
0 - 3
212
0-3
0"3
4.88 4*88 4.88
20 -a -h -c 
16.6 11.0 6.44 
20.0 19.2 16.6
7.5 8.2 11 .4-’
0.53 0.36 0.25
6.97 ,6.97 6.97 
24-a -h -c 
1-7.6 12.9 4.2
21 .3 2 0 .7 20.1
10.1 10.5 11 .6 
0.53 0.40 0.13
10.2 10.2 10.2
27-a -h -c
26.1 18 .9 11 .5
20.5 18.1 18.5
9.8 12.5 12.4
0181 0.66 0.40 
6 .40 6 .40 6 .40
31 -a -h -c
26.5 25.7 13.1
17.1 13.4 11 .7
8.8 10.3 17.5
0.99 1.22 0.71
8.97 8.97 8.97
34-a -h -c 
47.9 43.2 13.0
1 5 .8 11 .3 21 .0  
11 .9 13.7 13.0 
1 .93 2.44 0.40 
5.55 5.55 5.55
-d
18.5
6.5
4.7 
1 .81 
2 .7 2
-d . 
21 .3 
11 .8
7.3
1 .15 
4.88 
-d 
31 .5
14.4 
;1 2 . 0  
1 .39
6.97 
-d
3 2 .2
1-4.7
14.5 
1 .40 
10.2
-d
22.9
20.0
10.1
0.73 
6.40
-d
30.3
8.3
16.7 
2 .3 2
8.97 
-d
29.7 
21 .3 
12.0
0.89
5.55
-e
19.5 
7.7 
2.9
1 .61 
2 .7 2  
-e
31 .6'
13.1 
6.0
1 .53 
4.88 
-e 
41 .2 
14 .0
10.6 
1 .87
6.97
-e
50.2
13.2
14.3 
2.42 
10.2
-e 
34.2 
19.0 
9.8 
1 .15 
6.40
-e
29.7
8.1
16.1
2.34
8.97 
-e
37.1
20.2
tg.4 
1 .15 
5.55
-f
2 3 .6  
8.3 
2.2
1 .81 
2.72 
-f .
33.4 
14.0
5.2
1 .52 
4.88 
-f
33.5
16.3
9.6 
1 .31
6.97 
-f
46.6
15.2
13.4 
1 .95 
10.2
-f
41 .7 
19.2 
10.0
1 .38 
6.40
-f
6 5 .8
8.8 
14.9 
4.77
8.97 
-f
68 .5 
1 9 .8
13.4 
2.20 
5.55
1 6-a 
10.2 
19.6 
3.1 
0.33 
6.15
I 9-a
18.4
15.1
5.0 
0.78
4.05 
21 ~a
14.9
17.8
8.1 
0.53 
7 .68
25-a 
19.1 
21 .5  
1 0 . 0  
Ov56 
9.26
29 -a
12.5 
1 0 . 0
6,6
0.79
9.10
32-a 
27.3
19.5 
9.0 
0.89
8.05
35-a
I I  .5 
15.8
8.5
0.46 
4.28
-h
22.0
14.1 
9.0
0.99
6.15
-h
2 3 .2  
1 0 .7
9.8
1 .38 
4.05 
-h 
8.32 
17.2
9.1 
0.31 
7.68
-h
11.4
19.4
10.8 
Ol37 
9.26
-h
9.61
10.1
7.4 
0.61 
9.10
-h
25.6 
15.3
12.7 
1 .07 
.8.05
-h
3.81
14.1
10.8
0.17
4.28
-c
28.0
12.3 
9.5
I .45 
6 ^ 15
•^c
17.9
II .0
8.5
I .04
4.05
^c
2.14
15.4
II .2 
0.90 
7.68
-c
2.80
19.4 
12.6 
0.09 
9.26
-c
3.11
16.0
8.2
0 .12
9.10
-c
1 0 .4  
18.1 
15.7 
0.36
8.05 
-c
7.66
14.9
11 oO
0.33
4.28
-d -<
25.6 38 
13.4 14
8.3 7
1 .22 1 . 
6.15 6.
-d 
21 .8 29
14.1 13
7.1 5. 
0.98 1.
4.05 4. 
-d
26.3 40
13.5 13
12.1 1C 
1.24 1 . 
7.68 7.
-d 
28.8 43
15.3 12 
15.0 13 
1 .20  2 . 
9.26 9 .
-d
15.3 16
7.4 6, 
12.8 12
1 .32 1, 
9.10 9.
-d
29.8 3£
15.7 11
14.6 11 
1 .21 1 ,
8.05 8 
-d
18.4 1: 
14.3-1!
9.5 8 
0.82 0 
4.28 4
b* Calculated Dimensionless Groups Tube ( Bulk Boiling Regions)
Run No. 9 a a-Id a-c a-d a-e a-f 12 B B-c B-d B-e B-f 16 a a-
Group 1 -k 335 536 5kb 562 61+8 696 25b 219 1+58 587 782 196 212 X 10 4 2 .3 2 2.32 2 .3 2 2 .3 2 2132 2.32 2 .36 2.36 2.36 2.36 2 .3 6 1 .7b 1
3 •2; 36 72 108 11+1+ 180 216 36 72 108 11+1+ 180 36
b X 106 5.3 1U.U 23.1 33.6 51 •
i"°\•C\]r- 7.3 23.9 1+2.6 77 7.5 1]
3 X 10 35 36 37 38 38 39 35 35 36 37 38 33 J
Run No. B-e iD-f 1 9 a a-Id a-c a-d a-e a-f 20 a a-d a-c a-d a-
Group 1 -k 38U 1+59 195 258 200 290 371 b32 202 255 229 213 2<
2 X 10 4 1 .98 1 .98 1 .1+6 1 .1+6 1 .1+6 1 .1+6 1 .1+6 1 .1+6 1 .19 1 .19 1 .19 1 .19 1
3 X 1UU 180 36 72 108 1 bb 180 216 36 72 108 1U1+
1+ X 1°6 l+l+ 70 9.2 21+.1+ 29 56 90 131 1U.5 36 50 63 1(
5 X 10 38 39 36 36 37 38 38 39 3b 35 36 36 .
Run No o 22 Id Td-c B-d B-e B-f 23 B B-c B-d B-e B-f 2b B B-c B-
Group 1 _k 317 3U1 1+0 516 585 556 513 611 765 871 U-51 1+78 b[2 X 10 4 2.18 2.18 2.18 2.18 2.18 2.93 2.93 2.93 2.93 2.93 1 .91+ 1 ,9U 1
3 2; 36 72 108 11+1+ 180 36 72 108 m 180 . 36 72 1(
b X 106 7.3 17.2 32.5 55 83 5.9 12.1 22.2 39 61 16.3 37 i
5 X 10° 32 33 31+ 31+ 35 32 33 3l+ 35 36 33 3b
Run No. 26 a a-c a-c a-d a-e a-f 27 a a-B a-c a-d a-e a-f 21
Group 1 — ) | 186 236 21+3 293 361 1+U7 268 295 297 339 396 1+58 1«
2 X 10 4 1 .U6 1 .1+6 1 .1+6 1 .1+6 1 .1+6 1 .1+6 1 .27 1 .27 1 .27 1 .27 1 .27 1 .27 0
3 2; 36 72 108 1U4 180 216 36 72 108 11+1+ 180 216
1+ X 106 n+.u 35 55 90 135 197 19.7 1+3.1+ 68 105 157 221+ 2:
5 X 10 32 33 31+ 35 36 37 29 30 31 31 32 33
Run No . a-c a-d a-e a-f* 32 a a-B a-c a-d a-e a-f 33 a a-B a
Group 1 -k 236 292 329 1+06 131 177 223 260 307 376 11+9 250 312 X 10 4 1 .19 1 .19 1 .19 1 .19 0.99 0.99 0.99 0.99 0.99 0.99 0.66 0.66 0
3 2; 108 11+1+ 180 216 36 72 108 11+1+ 180 216 36 150 2
1+ X 106 9b 11+9 201+ 310 23. b 61 113 17l+ 256 •380 . bl 72 k3 X 10b 33 3b 35 36 32 33 3b 35 36 37 33 31+
Run No. a-e a-f 35 a a-Id a-c a-d a-e a-f
Group 1 -k 376 298 23b 300 382 1+05 351 285 Legend. • Secti
2 X 10 4 1 .81+ 1 .81+ 1 .51 1 .51 1 .51 1 .51 1 .51 1 .51 *u
3 180 216 36 72 108 1U1+ 180 216
a — D
1+ X i°i 178 192 30 71+ 136 196 231 250 Group
5 X 10 37 38 36 36 37 38 39 i+o
5. Calculated Dimensionless Groups 2n Tube (Bulk Boiling Regions)
Run No 1 B B-c B-d B-e B-f 2 c c-d c-e c-f 3 c c-d c-e c-
Group 1
10“^
7UU 851+ 850 876 926 660 698 7 66 863 795 757 825 92
2 X 3.85 3.85 3.85 3.85 3.85 1+.58 1+.58 1+.58 1+.56 5.80 5.80 5.80 5.
3 "5" 9 18 27 36 1+5 9 18 27 36 9 18 27 ■2
b X 10+ b.l 10.7 17.2 21+.1+ 32.9 3.9 8.5 11+.5 21 .1+ 3.1 6.9 11 .3 16
5 X 1 0 9.9 10.1 10.2 10.3 1 0 .14- 10.1 10.2 10.1+ 10.5 10.0 10.1 10.2 1C
Run No. a-c a-d a-e a-f 6 c c-d c-e c-f 7 B B-c B-d B-e B-
Group 1
10“^
833 825 881+ 956 1070 897 956 101+9 1210 1125 11 f 2 1163 12
2 X 3.U6 3.1+6 3.1+6 3.1+6 5.91 5.91 5.91 5.91 3.85 3.85 3.85 3.85 3.
3 27 36 b5 5b 9 18 27 36 9 18 27 36 1
b X 10fi 25.5 36.1 1+7.6 60.3 1+.9
10.2 16.3 2 3 . b 10.8 21 .3 33.2 1+6.5 6(
5 X 106 10.1 10.2 1 0 .3 10.1+ 10.1 10.2 1 0 .1+ 1 0 .5 10.1 10.1 10.2 10.3 1C
Run No. c-e c-f 10 d d-e d-f 11 c c-d c-e c-f 12 c c-d c-e c-
Group 1
10_i+
799 859 66b 867 926 715 71+0 863 952 922 931 1070 V
2 X 7.70 7.70 10.0 10.0 10.0 10.0 10.0 10.0 10.0 9 ".8 8 9.88 9.88 9
3 27 36 9 18 27 9 18 27 36 9 18 27 ■
U X 10^ 
1 0
7.8 11 .3 1 .7 b.2 6.7 2.3 5.2 8 .7 12.6 3 ^2 7.1 11 .9 1"
3 X 10.1 10.2 10.0 10.2 10.1+ 9.7 9.8 9.9 10.1 9.51 9.7 9.8 9
Run No. c-f 15 B B-c B-d B-e B-f 16 c c-d c-e c-f 17 c c-d c-
Group 1
10“^
1193 1310 1230 1100 1160 1210 961+ 871 952 1010 622 668 71
2 X 7.1+2 5.86 5.86 5.86 5.86 5.86 7 .61+ .7 .6I+ 7.61+ 7 .61+ 7 .0 3 7.03 7
3 36 9 18 27 36 U5 9 18 27 36 9 18
b X 106 28. b 7.8 16.0 21+.1 31+ 1+1+.6 1+6 9.1+5 11+.9 21 .3 3.2 7.1 1-
3 X 10 9.8 9.5 9.6 9.7 9.8 9.9 9.8 9.9 10.1 10.2 9.8 9.9 1«
Run No. a-B a-c a-d a-e a-f 20 B B-c B-d B-e B-f 21 B B-c B
Group 1
10“^
1300 1250 121+0 1250 1290 1170 1160 1110 1180 1200 926 9U3 9
2 X b.07 1+.07 1+.07 I4..O7 b.07 5.61+ 5.61+ 5.61+ 5 .61+ 5 .6I+ 7 .1+8 7.U8 7
3 18 27 36 1+5 5b 9 18 27 36 1+5 9 18
14- X i°i 2 9 .0 1+2.$ 58.7 76.2 9U.6 7.1+ 16.7 26.1 3 6 .6 1+7.8 5.8 12.8 1
5 X 10 9.7 9.7 9 08 9.8 9.9 9o5 9.5 9.7 9.8 9.9 9.3 9.1+ 9
Run No. e-f 2b e e-f 25 d d-e d-f 26 d d-e d-f 27 d d-e d-f
Group 1
10“i4'
1200 893 lOUO 622 850 1010 503 770 935 977 1210 1310
2 X 11 .2 11 .1 11 .1 11 .1 11 .1 11 .1 11 .1 11 .1 11 .1 10.9 10.9 10.9
3
106
18 9 18 9 18 27 9 18 27 9 18 27
b X 1+.9 2.8 6.5 2 .US 6.3 11 .0 2.5 6 .7 6 11 .9 1+.7 10.6 17.1
5 X 10° 10.3 10.1 10.3 9.8 9.9 10.1 9.7 9.8 10.0 9.1+ 9.5 9.7
6. Calculated Dimensionless G-roups 4" Tube (Bulk Boiling Regions)
RUN NO. 2a
Group 1 , 1590
2 x ICT4 0.60
3 , 4*5
4 x '10? 22.8
5 x 10° 5.0
RUN NO. a-d
G-roup 1 ,1590
2 x 10“4 0.94
3 , 1 8 . 0  
4 x 10? 101
3 x .10° 5-1
RUN NO. c-d
G-roup 1 ,1230
2 x 10~4 3 .68
3 ', 9.0
4 x 10? 9*8
5 x 10° JL|_« 9
RUN NO. "b-c
G-roup 1 . 1010
2 x 10~4 3.68
3 , 9.0
4 x 10? 8.5
5 x 10° 4.7
RUN NO. "b-e
G-roup 1 , 1060
2 x 10“4 1.56
3 , 18.0
4 x 10? 36 .6
5 x 10 5.1
RUN NO. 2713
GrouD 1 ’ j 558
2 x 10~4 3 .7 9
3 , 4-5
4 x 10? 3.1
5 x 10 4.4
RUN NO. b-c
G-roup 1 . 981
2 x 10“ 4 3 .7 9
3 , 9-0
4 x 10? 7-7
5 x 10 4.5
2-b a-c a-d a-e 
1670 1730 1760 1810 
0.60 0 .6 0 0.60 0.60
9.0 13.5 18.0 22.5
52.8 8 3 . 6 116 151
5.0 5.1 5.1 5.2
a-e a-f 6a a-b 
1630 1620 1560 1560 
0.94 0.9i|- 0.79 0.79
22.5 27.0 4*5 9.0
129 158 2I4..3 50.5
5.1 5 .2 I4..9 4 . 9
c-e c-f 11c c-d 
1360.-llj.60 1450 1160
3 .6 8 3 .6 8 3-46 3-46
13.5 1 8 .0 4 . 5 9 .0
16.1 2 3 .0 5.2 10.2
4 . 9  5 . 0 4 .8 4 .8
b-d b-e b-f 17d 
1020 1130 1240 1020
3 .6 8 3 .6 8 3-68 3 .6 8  
13-5 18.0 22.5 4.5
12.8 19.3 27 3-6
4 . 8 4 . 8 4 . 9 5 . 0
b-f 20*d d-e d-f 
1090 1180 1380-1280
1 .5 6  4 . 1 3 4 . 1 3 4.13
22.5 4.5 9.0 1 3 .5
48.7 4.7 10.9 15-9
5.2 4 . 7 4.8 4 . 9
b-c b-d b-e b-f 
448 508 626 727
3-79 3-79 3.79 3-79
9.0 13.5 18.0 22.5
4.9 8.7 1 4 .2 21.0
4 . 4  4-5 4-5 4 - 6
b-d b-e b-f 34b 
973 1060 1300 2060
3-79 3-79 3-79 3-24 
13-5 18.0 22.5 4.5
12.2 18.3 28.9 8.11
4 .5  4-6 4*6 4-5
a-f 3a a-b a-c 
1890 1580 1630 1670
0 .6 0 0.76 0 .7 6 O .76
2 7 .0 4 . 5  9 -0 13-5 
189 19-5 42.6-67.6'
5.2 5-0 5-1 5-1
a-c a-d a-e a-f 
1630 1620 1620 1630 
0.79-0.79 0.79 0.79 
13-5 18.0 22.5 2 7 .0
83.2 113 146 181
5.0 5.0 5.0 5.1
c-e c-f 12b b-c 
1330 1500 1280 1360 
3.46 3.46 2.57 2.57
13.5 1 8 .0 4 . 5 9 -0
I6 . 4  23.9 7.3 15.5
4.9 4-9 4-8 4-9
d-e d-f 18b b-c 
1190 1220 702 795
3 .6 8  3 -68 2 .9 0 2 .9 0
9.0 13-5 4-5 9-0
8.8 13-9 3-4 7.1
5-0 5-1 4 -8 4 .8
21d d-e d-f 22d 
1050 1340 1270 931
4.58 4-58 4 .5 8 4-35
4 . 5 9 . 0 13-5 4-5
3 .6 9-0 13-5 1.5
4 .8 4 . 9 4-9 5 -0
29d d-e d-f 30d 
1120 1260 1780 1180 
5.36 5.36 5-36 5.80 
4-5 9.0 13-5 4-5
1-75 3-6 7-8 3-13
4-8 4-9 5-0 4-5
b-c b-d b-e b-f
939 863 897 1100
3 .2 4  3-24 3-24 3-24 
9-0 13-5 18.0 22.5
1 0 .6 1 6 .1 2 3.I 35-9 
4*5 4-6 4-6 4-6
a-d a-e a-f 4"b
I64O 1690 1670 14: 
O .76 0 .7 6 O .76 -2 .J
1 8 .0 22.5 2 7 .0 4 . 1
92.4 122 150 5-i
5.2 5-2 5.3 5-<
7c c-d c-e c-: 
1140 1180 1260 13
2.57 2.57 2.57 2.:
4.5 9-0 13.5 18
5-0 10.8 1 7 .8 26
5.0 5.0 5.1 5.
b-d b-e b-f 13 
1210 1330 1480 5
2.57 2.57 2.57 2.
13.5 18.0 22.5 4- 
23-4 32.9 43-8 1.
4.9 5.0 5.0 5.
b-d b-e b-f 19 
854 981 1040 11
2.902.90 2.90 2. 
13-5 18.0 22.5 4-
11.6 18.4 25-5 6. 
4-9 4-9 5 - 0 4 -
d-e d-f 24d d- 
1360 1220 1180 16
4-35 4-35 6 .0 3 6. 
9-0 13-5 4-5 9-
4 . 1 5 -8 3-3 8.
5 . 1 5-1 4-6 4-
d-e d-f 31c c- 
1270 1760 601 13
5.80 5-80 5.36 5« 
9-0 13v5 4-5 9.
6.45 13-4 1-52 5«
4-5 4-6 4-4 4< 
35c c-d c-e c-
279 482 465 ■
2.57 2.57 2.57 2,
4 . 5 9-0 13-5 1*
1 .8 6 6 . 3 9-4 2(
4 . 9 4*9 5-0 5
7. Pressure Loss Results Tube
Run No. X
rbs/rb
x 10^ 
Btu/hr
x 10"
Btu/hr
-3 ATAxial 
°F
V
g
ft3/rb
L
ft
9 0 .077 3.16 1+.65 9.5 20 .5 7.5
11 0.051+ 2.81 7.73 11 .2 19.3 7.5
1.2 O.O87 3.70 U.75 9.5 2 1 .0 6.0
113 0.06 3.31 8.20 11 .5 18.7 6.0
11+ 0.035 2.03 9.59 10.9 19.3 6.0
15 o.ob 2.28 11 .5 12.9 17.9 6.0
16 0 .111+ 3.62 b.bb 12.0 19.5 7.5
17 0.038 2.02 8 .69 11 .0 19.2 6.0
18 0.081 2.81 I+.66 11 .1 20.0 7.5
19 0.133 3.62 3.32 10.7 20.3 7.5
20 0.161 3.59 2 .70 10.8 20.3 7.5
21 0.119 3.81 U.1I+ 11 .2 19.8 7.5
22 0.096 3.69 5.75 12.5 19.0 7.5
23 0.071J. 3.63 7.69 12.b 18.2 6.0
21+ 0.15 5.35 5.70 13.9 18.1+ 7.5
25 0.187 5.66 U.l+5 13.1 18.7 7.5
26 0.1 9b 5.1+1+ 3.M+ 11 .1 19.0 7.5
27 0.21 5.30 3.6 7 13.6 19.6 7.5
28 0.313 6.08 2.52 12.0 19.9 7.5
3$ 0.31 7.03 3.72 11+.9 18.5 7.5
32 0.396 7.65 3.14-6 16.5 19.0 9.0
33 0.70 9.18 1 .99 11+.2 19.5 9.0
31+ 0.19 6.51 6.12 15.7 19.8 7.5
35 0.266 7.66 5 .06 15.8 19.8 9.0
^TPav
lbs/f
2*9 * 
IWQ 
2.6
3.8
5.5
5.2
2.2
5.2
2.8 
1 .9 
1 .6 
2.1
2.6
3.3 
1 .8 
1 .5 
1 .5 
1 .3 
0.9 
1 .0 
0.8 
0.5 
1 .1+
1.1
8 . Pressure Loss Results 2" Tube
RUN NO.
X
lhs/lh
x 10“^ 
Btu/hr
Qfe x 10“ 3 
Btu/hr
A T  axial 
°P
V
S-z 
ft V 113
L
ft
1 0.0315 8 .8 6 10.5 3.2 23 .2 6 .0
2 0 .0 2 0 4 6.5' 10.9 2 .8 23 .2 k-5
3 O.OI64 6 .4 4 13*3 2.7- 2 3 .0 k-5
4 0.0392 8.67 6.97 2 .8 23.5 6 .0
5 0.0552 1 4 .8 6 .1 1 2 .1 23.7 7.5
6 0 .0 2 6 6 11.3 15.5 3.1 2 2 .8 6 .0
7 0.0631 1 9 .0 8.17 2.5 22 .8 7.5
8 0.0341 1 4 .8 1 6 .5 3.3 2 2 .4 6 .0
9 ■ 0.0133 5.84 2 4 .8 3.8 22.9 4*5
10 0.0103 5.47 29.7 3.5 2 2 .8 ' U-5
11 0.0137 8.44 2 7 .2 3*2 2 2 .3 4*5
12 0.0174 1 1 .2 2 7 .6 3.3 2 2 .1 4-5
13 0 .020 2 1 3 .2 2 6 .1 3*2 21.7 k-5
lb 0 .0 3 2 1 17.1 2 2 .6 3.6 2 2 .1 6 .0
15 0.0398 17.5 14.4 2.9 22.3 6 .0
16 0.0247 1 3 .2 2 0 .6 3.2 2 3 .0 6 .0
17 0.0175 8 .1 2 19.1 3.2 23.5 k-5
18 0.0776 2 1 .6 • 1 0 .0 3.3 23.5 7.5
19 0.085 2 6 .6 1 3 .0 3.8 2 2 .1 7.5
20 0.0524 2 1 .8 20.9 k-k 2 2 .1 7.5
21 0.0398 18.9 53.2 8 . 4 20.5 6 .0
22 0 .0 25 8 1 7 .6 33.8 4.0 20.5 6 . 0
23 0 .0 08 1 4*48 29.4 3.1 2 3 .0 3.0
2k 0.0103 5 .8 8 33.8 3®6 2 2 .6 3.0
25 0.0113 7.7 25.3 2.7 21.9 3.0
26 0 .0 15 0 10.7 28.2 3.0 2 1 .8 k-5
27 0 .0 208 15.1 3 2 .1 3.5 2 1 .6 k-5
9. Pressure Loss Results 4,f Tube
X Q-k x 10~k Qfl x 10”-5 A T axial VS
L
RUN NO. rbs/rb "btu/hr Btu/hr °P ft3/rb ft
2 0 .1 6 8 1 6 .2 2.55 2.5 22 .2 7*5
3 0 .1 3 6 1 6 .2 5 • 68 4 . 4 2 3 . 4 7*5
k 0 .0 4 6 2 14.7 23*9 6.2 22 .8 7*5
5 0 .1 38 20.4 7-0 4 . 4 23*1 7*5
6 0 .1 6 1 20.1 6.32 k-7 22.1 7*5
7 0 .0 3 10.7 1 6 .3 3-8 23*8 6.0
8 0 .0 20 6 8.94 14*7 2.8 2 4 .0 4*5
9 0 .0 1 2 4 6.43 1 1 .5 1.8 23*6 3*0
10 0.0208 11.2 14*5 2.3 23*3 k-5
11 0 .0 2 6 3 13.5 13*5 2.3 22.9 6.0
12 0 .0 3 6 3 13*5 1 4 .1 3*3 22.9 6.0
13 0 .0 1 1 6 4*07 10.6 2 • 3 24*7 3*0
lk 0 .0 2 7 6 6 .16 1 0 .3 3*8 25*0 4*5
16 0 .0 2 6 9 13-7 21.5 3*5 22.9 6.0
18 0 .0 2 6 7 1 0 .3 21.5 4 . 4 23*4 6.0
19 0 .030 5 10.1 18.2 k-5 23*3 6.0
20 0 .054 2 12.8 1 4 .2 5*2 23*4 7*5
20* 0 .0 1 9 4 10.6 23*7 3*4 21.9 4*5
21 0 .0 17 2 9-98 2 7 -6 3*6 22.0 k-5
22 0 .0 0 6 7 3-03 16.8 2*3 22.8 3*0
23 0 .0 0 5 9 2.89 21.1 2 . 4 22.2 3*0
2k 0 .0 1 6 12.9 2 7 .6 2*7 20.8 4*5
25 0 .0 1 6 4 11.7 28.7 3 .1 20.7 4*5
26 0 .0 17 8 12.8 25-9 3 .1 21.0 4*5
27 0 .0 21 9 11.0 24*3 3*8 21.6 6.0
29 0.0082 5-29 19*1 2.1 21.5 3*0
30 0.0149 12.6 13.7 1.4 20.5 4*5
31 0.0174 12.6 2 4 .2 2.7 20.1 4*5
32 0.0203 13-7 20.1 2.5 20.4 6.0
33 0.0306 ■17.7 10.2 1.6 21.0 4*5
35 0.0251 8 .4 1 18.8 4*4 22.1 6.0
360 0.0079 4*23 19-6 2 . 4 22.1 3*0
10. !hTp! Calculated from the Correlations of Other Workers
2" Tube Reference Number (See Bibliography)
Run No ExpT tl
Present
Work (28) (49) (4 2) (19) (2
4 2110 1940 1060 1000 810 900 7
5 2260 2260 1420 1250 930 1240 9
8 2850 2500 1820 1480 1060 1530 10
14 2820 2680 2100 1660 1090 1710 12
22 2680 2800 20i|0 1500 990 1560 14
11. Comparison of Pressure Loss Results with Correlation of
Run No. 9 14 16 28 23 5 8 9 13 2
X 0.077 0.035 0.114 0.313 0.074 0.055 0.034 0 .0 1 3 0.02 0.0
fAL 1 37-5 55.5 34.2 32.4 57-5 0.9 1.6 0.9 2.2 1.6
Ap 
A L  e 7.1 10.7 6.0 3-0 7-7 8.3 10.7 14.9 H.9 17.
A p  
A L  a
A p tp
calc. 24.4 . 6 66.2 4 0 .2 35-4 63-2 9.2 12.3 15.8 15.1 H 00 •
A p TP 
exp!tl 6 0 .1 8 6 .3 74.8 76.0 98.2 13.3 26.2 4 0 .2 34.0 49.
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